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EXECUTIVE SUMMARY 

From World War I until the early 1930s, butanol was produced from corn by the 

Weizmann ABE process. Thereafter, however, the fermentation process was rcplaced by 

the cheaper Oxo process for producing synthetic butanol kom propylene. The U.S. annual 

production is now close to  1 billion Ib. 

Synthetic butanol currently sells Tor $0.38/lb at a crude oil price of $17-$20/bbl. 

However, considering the increases expected again in crude oil prices in the 1W&, a 

doubling in the price for propylene-derived butanol is not inconceivable. 

At  the current state of the art, thc ABE process would requirc butanol prices in 

excess of $1.20/ib to be competitive. Two major problcms cxist: (1) low product 

concentrations in the beer resulting from inhibition of the functioning of  the organism by- 

product, which lead to high process investment charges; and (2) poor yiclds rclated to 

large losses of substrate to carbon dioxide and by-products, coupled with high prices for 

corn syrup compared with presently depressed oil prices. 

To circumvent the inhibition problem, two scenarios have becn devcloped for a 

new extractive fermentation process to remove the product from the field of fermentation 

"as rapidly as i t  forms." Both models rely on continuous fcrmcntation instead of batch 

operation to effect significant cost rcductions. 

In the external multistage extraction model, the fermcnter is operated with a large 

recycle or cells to increase volumetric productivity while maintaining product concentration 

in thc becr that is fed to the extractor close to the threshold o f  inhibition at 13 g/L. As 

a result, it appears that fermenter volume and investment could be dramatically reduced. 

Raffinatc is also recycled to improve thc rccovery of valuahlc by-products. Sclling prices 

below $0.43/lb look feasible. 

In the in situ single-stage cxtraction model, the fcrmcntation is operated with 

simultaneous extraction at high ratios of solvent to aqueous feed so that, in fact, the 

product is removed into the solvent phase iis rapidly as it forms. It appears that effective 

concentrations in the fermenter could reach -200 g/L. while maintaining product 

concentration at 13 g/L in thc aqueous phasc containing the organism. Sincc total plant 

investmcnt decreases in direct proportion t o  increases in conccntration, major cost 
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reductions could be expected. For this case, cell density and product cost would be about 

the same as in the external extraction case. 

For either model, genetically engineering an organism that was less inhibited by 

product or substrate or that produced only butanol as the preferred product would lead 

to further cost reductions. If the goal case can be achieved, cost would be reduced to 

$0.3511b butanol. However, the microbiological research program that would be required 

would have a lower probability of success than the engineering program required to 

develop the extraction processes based on the existing organism. 

Certainly, thesc improvements would represent major breakthroughs in not only 

the Weizmann process, but, generically, in any fermentation process that suffers from 

product inhibition (which is most of them). Continuing research along these lines is highly 

recommended. Suggestions for he - tun ing  the program are appended. 
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1. INTRODUCTION 

Since the Middle East oil crisis of 1973, many people in government, academia, and 

industry have been conccrncd about the strategic implications of a loss of a major source 

of crude oil for American industry. Accordingly, over the past dccadc a large number of 

research programs have been directed toward exploring the potential usc of abundant 

renewable materials as basic feedstocks for fuels and chemicals. The  Biocatalyst Project, 

administercd by the Jet  Propulsion Laboratory as part of the Energy Conversion and 

Utilization Technologics (ECUT) program of the Department of Energy, is now in the 

forefront of this cffort. 

This report represents the completion of a part of an overall project to evaluate 

the technical and economic status of several newly conceptualized processes for producing 

butanol, acetone, cthanol, acetic acid, and aerobically produced specialty chemicals, which 

are candidates for research support. The objectives of the project are to identify strengths 

and weaknesscs in the proposed processcs and to assist in developing an ongoing research 

strategy along economically relevant lines. 

The products to be studied presently comprise a collective US. markel for 10.7 

billion Ib valued at $2.8 billion. If their manufacturing processes were converted from 

petroleum feedstocks to  corn, they would consume 556 million bushels. 

Furthermore, if ethanol could be produced at a low enough price to serve as the 

precursor to ethylene and butadiene, it and its derivatives could account for 159 billion lb, 

or 50% of the U.S. production of 316 billion lb of synthetic organic chemicals, presently 

valued at $113 billion.' This use would consume 3.4 billion bushcls, or -45% of the corn 

crop. In addition, the use of butanol for diesel blends or in jct fuel blends to enhance the 

range of military aircraft could further increase its market. 

At  the present state of thc antiquated art for producing thesc products from corn 

by fermentation, product costs do  not appear competitive compared with prices for 

incumbent petroleum-based chemicals. Industrial interest in fermentation chemicals had 

revived in the 1970s as a result of the oil crisis. However, the subsequent softening in oil 

prices in the 1980s removed the competitive edge of renewable materials compared with 
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fossil feedstocks and resulted in an almost complete loss of momentum in rescarch in this 

area of biotechnology. 

In general, fermentation processes have two major problems: 

1. inherently poor yields resulting from the production of by-products, including high 

levels of carbon dioxide and hydrogen needed to maintain the electronic balance 

of the nietabolism of the organism, coupled with the current relatively high cost 

of renewable sugars and starches compared with the. presently depressed prices for 

petrolcum; and 

the inhibition of most organisms by their own products, which causes the 

fermentation to shut down after reaching only low, -l%, product concentrations, 

as a result of which the recovery of product from dilute aqueous solution is 

accordingly expensive. 

2. 

The problem resulting from the cost of raw materials will presumably rectify itself 

in a few years after increased demand for oil relative to  Middle East production capacity 

and further Middle East turmoil again force oil prices to rise. Conoco predicts that this 

will happcn in the 1990s (Fig. l), at which time it is expected that the United States will 

be importing half of its oil supply instead of the 7% it imported at the time of the 1973 

oil crisis.’ 

One  possible solution to the inhibition problem would be to apply extraction or  

distillation as an integral part of the fermentation process so as to remove the product 

from the ficld o f  fermentation as rapidly as it forms. In the case of an cxternal multistage 

extraction process, this is expected to pcrniit a proportionate increase in cell density while 

maintaining product concentration in the fermenter near the threshold of inhibition. As 

a result, volumetric productivity increases and fermenter investment and cost decrease. 

Alternatively, in the case of an in situ single-stage fermenter/extractor, this is expected to 

increase productivity and effective product concentration while maintaining low 

concentrations in the beer. 

In the current technocconomic study of the butanol process, the state of the art 

for its fermcntative rnanufxture was defined. From this, scenarios for an improved 

process were developed based o n  the expectations for adapting extractive fermentation to 
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reach plausible cell densities and effective concentration levels. The economics of these 

scenarios were thcn developed. The sensitivity of the economics to attaining, exceeding, 

or  falling short of goals for kcy opcrating parameters was also determined. It is hoped 

that the results will providc a strong perspective as to the relative merits for supporting 

research on any of the alternatives and the direction the research should be channeled so 

as to be economically relevant and improve the technoeconomic position of the process. 

2. MARKET POSITION 

The United States leads among world producers of butanol (Table l).3 Production 

has risen steadily at 5% annually since 1964 to a production level of -918 million lb of 

n-butanol plus 190 million lb of isobutanol. European production is less and stagnant; 

Japanese production has declined to where Japan is now a net importer. 

Almost all butanol is made from propylene by the Oxo process. Consumption 

favors n-butanol in all market areas, but especially in U.S. markets. As a result, newcr 

plants are based on a rhodium catalyst system that enhances the production of n-butanol, 

the preferred isomer. 

Table 1. Butanol production (lo6 lb) 

Country n-Butanol Isobutanol nliso 

United States 842 143 5.9 

Europe 300 220 1.4 

Japan 43 36 2.6 

The major U.S. end uses for n-butanol in descending order are: butyl 

acrylates/methacrylates for latex paints, textile finishes, and floor polishes; glycol cthcrs as 
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solvents for surface coatings and adhesives; butyl acetate as a rapid drying solvent for 

varnishes; dibutylphthalate and other plasticizers for a variety of adhesives, packaging films, 

and surfwe coatings; amino acids; butylamines for use in pesticides and rubber proccssing; 

and uses in fire-resistant hydraulic fluids. Demand is expected to increase by 3.2-3.596 

annually to reach 920 million Ib in 1988. 

Isobutanol has similar uses but favors direct solvent use. It also finds use in lube 

oil additives. It is generally inferior to n-butanol in properties and finds use only if price 

is sufficiently discounted -- historically 15%. 

The  use of n-butanol and isobutanol in blends with methanol as an octane 

enhancer for gasoline has been introduced but has faccd environmental challenges and stiff 

compctition from Oxinnl ferl-butanol blends and cthanol blcnds. The  economics associated 

with butanol blends do not appear attractive when compared with mcthanol/ethanol 

blends. Howcver, butanol might find better use as blends with diesel oil and with jet fuel 

for military aircraft. 

Acetone, the primary by-product in butanol manufacture by fermentation, has 

actually a more important role than butanol in world markets. Demand in the United 

States over the decade of the 1980s has been relatively flat, at -2.5 billion lb. Most of this 

total has bcen For producing methacrylates or  acrylic resins (Fig. 2). It must be noted that 

the acetone supply is derived from two sources: (1) as a by-product in the conversion of 

cumene to  phenol, or (2) by direct synthesis from isopropanol. U.S producers are listed 

in Table 2 on the basis of their raw material. By-product acetone tracks the demand for 

adhesivcs for plywood for the building trades and is always sold off first at a discount 

under the cost of isopropylene-derived product. Accordingly, acctonc dcrived from 

fermentation must either compete with the latter o r  be discounted as the former. Recent 

producers of sugar-derived acetonc are listed in Table 3. Of these, only the South African 

plant is significant. 
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Table 2. U.S. acetone producers' "in-place" capacities 

Producer 
Output (lo6 Ib) 

1980 1981 1 982 1983 1984 

Cumene-based 

Allied 
Chevron 
Clark 
Dow 
General Electric 
Georgia Pacific 
Getty (Skelly) 
Monsan to 
Shell 
U.C.C. 
US.  Steel 

360 
33 
54 

284 
30 
177 
57 

300 
300 
230 
312 

Sub to tal 2137 

East man 
Exxon 
Shell 
U.C.C. 

80 
140 
650 
170 

Subtotal 1040 

GRAND TOTAL 3177 

360 
33 
54 

284 
240 
198 
57 

300 
300 
230 

2368 

80 
140 
800 
170 

1190 

3558 

360 
33 
54 

284 
240 
198 
57 

300 
300 
230 
312 

2 3 a  

80 
140 
800 
170 

1190 

3558 

360 
33 
54 

284 
240 
198 
57 

300 
300 
230 
312 

2368 

80 
140 
800 
170 - 

1190 

3558 

360 
33 
54 

284 
240 
198 
57 

300 
300 
230 
312 

2368 

80 
140 
800 
170 

1190 

3558 
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Table 3.  Producers of sugar-derived acetone 

Produccr Status 

National Chemical Products Co. 
Transvaal, Union South Africa 

Egyptian Sugar and Distillation Co. 
El-Hawamdia, Giza, A.R.E. 

Operating 
12 x 25 M gal 

Operating 

Soviet Union Operating 

Cornmcrcial Solvents Corp. 
‘Terre Haute, IN 

Chase Chemical 
Puerto Rico 

Publicker Industries 
Philadelphia, PA 

Torn Down 
50 M gal 

Torn Down 
2 x 60 M gal 

Standby 
140 Million PPY 
5 x 2000 M gal (EtOH) 
10 x 500 M gal 
9 x 250 M gal 
12 x 18 M gal 
6 x 1 M gal 
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3. HISTORICAL DEVELOPAlENT 

The original Weizmann process for fermenting starch-containing grains to butanol 

and acetone was developed under the stimulus of the World War I demand for acctone 

for manufacturing "cordite," a double-based smokeless powder used for British naval guns. 

The  process made a successful transition to civilian products but was finally supplanted in 

the 1950s by cheaper petrochemical processes. Interest in the fermentation process 

revived following the energy crisis o f  1973 but was cooled again as a result of the softening 

in oil prices in the carly 1980~.~ 

A fcw years prior to  World War I, Weizmann had developed an organism, C. 

acetobutylicurn, which successfully fcrmented starchy grains to produce a mixture of 

acetone, butanol, and ethanol (ABE). He applied €or and received patents on the 

so-called ABE p r o c e s ~ . ~ ~ ~  With the outbreak of World War I, a plant was built at Kings 

Lynn, England, in 1914 to produce acctone by fermentation, but operation was a failure 

until Weizmann was placed in charge and installed his proccss. Because of the shortage 

of corn in England, the process was transferred to Canada in August 1916, where it 

operated until November 1918. To supplement this output, a butanol-acetone plant was 

built in Terre Haute, Indiana, which operated from May to Novcmber 1915 undcr the 

auspiccs of the War Production Board. Whilc the Tcrre Haute Plant operated, there was 

no use €or butanol and it was stored. 

Howevcr, shortly after the end of the war, the Dupont Company developed Duco 

nitrocellulose lacquers for use in automobile finishes. It was found that n-butyl acetate 

was the solvent of choicc for this coaling system. In order to supply the n-butanol 

required for making the acetate, the Tcrre Haute plant was reactivated in 1920 as a 

private venture by Commercial Solvcnts Cctrpora tion, which had acquired an exclusivc 

license under thc Weizmann US. Commercial Solvents used 50,000-gal 

fermenters to make the solvcnts. The plant is now owned by International Mincrals and 

Chemical Corporation. It no longcr operates the fermentation equipment but has 

maintained the historical cultures and has advised that thc technology is available for 

licensing. 

pa tent. 

9 



Whcn thc patents expired in 1936, new ABE plants wcre built in Philadelphia 

(Publickcr), Baltimore, Puerto Rico, and Japan. A flow shcet for the process as practiced 

by Publicker in the late 19.30s and 1940s is shown in Fig. 3.  The Publickcr plant was based 

on the use of 5000-gal Hortonsphercs through 500,000-gal tanks for the batch fermentcr 

train. Operation of this plant was described in detail by R e e ~ c h . ~  The  plant was, since, 

shut down but was considered for reactivation in the late 1970s. The  decision to  proceed 

was deferred as a result of the oil glut of  the 1980s. 

At the present timc, the only ABE plant operating in the free world is at 

Germiston in the IJnion of South Africa at National Chemical Products, Ltd., a division 

of Sentrachem Ltd. Started up in 1936, its operation was described by Spivey.8 

4. TECHNICAL BACKGROUND 

4.1 RAW MATERIAL DEMAND 

Raw matcrial economics has always becn one  of the most important parameters 

in the choice between fermentation processes for producing solvents. Until 1938, the 

M E  process operated solely on corn using C. acetobutylicum, with a solvents yield of 

-2h.5%, based on dry corn and comprising roughly 60% butanol, 30% acetone, and 10% 

ethanol.'-" Mte r  1938, new organisms were developed which allowed the use of cheaper 

molasses. 

Early in this study, it became apparent that the stoichiometry of thc fermentation 

was vcry important to the economics. The  rnctabolic pathway followed by C. 

acetobutylicum is outlined in Fig. 4. Electron balance must be maintained among the 

competing reactions. Yields to the various products are outlined in Table 4. Even though 

the organism operates near its biological maximum, carbon yiclds are poor because of the 

largc losses to carbon dioxide. In general, the solvents are formed in the ratio 60% 

n-butanol, 30% acetone, and 10% ethanol, with the corresponding release of hydrogen and 

carbon dioxide. 

10 
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Table 4. Fermentation stoichiometry 
(per 100 mol butanol) 

Basecase 

Glucose -----> butanol + 2C0, i- W,O 
100.0 100.0 200.0 100.0 

Glucose -----> acetone + 3C0,  + 4H, 
40.0 40.0 120.0 350.8 

Glucose + 2H,0 -----> 2 acetic acid + 2 0 ,  + 4N2 
12.5 12.5 25.0 25.0 50.0 

Glucose -----> 2 ethanol + 2C0, 
8.3 16.6 16.6 

Glucose -----> butyric acid + 2C0, + 2H, 
6.7 6.7 13.5 13.5 

167.5 Glucose -----> 100.0 butanol + 40.0 acetone 
+ 25.0 acetic acid -t 16.6 ethanol 
+ 6.7 butyric acid + 375.0 GO, 
+ 35.0 M,O + 233.4 I-€, 

Goal case 
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Alternatively, Weimer has postulated that an organism could be developed that 

would produce only butanol according to the “goal” case of Table 3. ’This could 

theoretically be accomplished, although with great difficulty, by blocking the acetyl CoA 

to  acetaldehyde (to ethanol) pathway and the acetoacetyl CoA to  acetone pathway.’* 

Small amounts of acetaldehyde might be added to  the fermentation to inhibit the ethanol 

route, but since acetaldehyde is toxic in general, it might completely stop the €ermentation. 

4.2 PRODUCT INHIBITION 

As with most fermentations, C. ncetobuqlicurn is inhibited by its own substrate and 

products. Previous studies have shown that butanol is the most toxic of the 

The  fermentation is totally inhibited by butanol concentrations of 10-15 g/L.4,15,16 Thus, 

in normal batch operation, productivity is limited to  -0.25 g/(L.h), or 13 g/L butanol after 

40 batch hours plus 12 h of fermenter turnaround. Productivities in the range 0.16-0.58 

g/(L.h) have been reported by various  investigator^.'^-'^ This ricnce has sugpcstcd 

t o  many that the fermentation rate and product concentration could bc raiscd io 

commcrcial levels by removing the butanol from the fermentation mcdium as f a t  as it 

forms. This assumption forms the basis for the scenarios developed for economic 

evaluation in this study. 

Various methods for removing inhibitoly products have been proposed. These 

include adsorption by activated c a r b ~ n , ’ ~ - ~  ion-exchange re~ins,*l-*~ or polymeric  resin^;^'-^ 

extraction by aqueous solventsB”’ or organic or membrane ~ e p a r a t i o n . ~ ~ . ~ ~  

The use of organic solvents is the subjcct of the butanol study. 

As a preamble to extraction studies, a number of laboratories have tested the 

toxicity of various solvents toward the o r g a n i ~ r n . ” * ~ ~ ~ ~ ~ ~ ~ ’ ~ ’ ~  In many cases, it was found that 

good solvents for the products were also toxic to  the organism. 

In the early 198Os, k u n g  of M I p 5  studied at small scale the extraction of butanol 

with corn oil during fermentation to minimize inhibition. 

Gill and Ratledge” suggested that the toxicity of hydrocarbons toward specific 

organisms might be related to the aqueous solubility of these compounds. They showed 

that toxicity was reduced by adding a nontoxic compound such as hcxadecane to the 

organic phase. 
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Evans and Wang at Michigan"' studied extractive fermentation at a 10-mL-test-tube 

scale with the aim o€ optimizing distribution coefficient versus toxicity by using mixtures 

of toxic solvents having good distribution coefficients with nontoxic hydrocarbons having 

low solubility in the aqueous fermentation medium. Oleyl alcohol was found to bc a good 

solvent with low toxicity. 

Japanese investigators also demonstrated the use of oleyl alcohol to extract butanol 

in batch  experiment^.^^ 

Blanch and coworkers at the Univcrsity of California at B ~ r k e l e $ ~  also showed in 

limited small-scale tcsts using oleyl alcohol as a solvent that the cffcct o f  butanol inhibition 

could be reduced and volumetric productivity increased by rcmoving butanol in either 

batch5d or fed-batch culturc.ss The feasibility o f  using continuous processing in cxtractivc 

fermentation was also dcmonstraled at bench scale in cxperiinents in which thc fcrnicnter 

broth was continuously recycled to an external cxtraction In thc fed-batch 

experimcnts using oleyl alcohol as a solvent, they wcrc able to incrcase productivity to 1.5 

g,/(L-h). IIowevcr, in these expcriments, proc-luctivity can also be inhibitcd by the high 

conccntrations of the sugar substrate reyuircd in batch culture to drivc the fcrrncntation 

to high butanol productivities. Truc continuous culture would circumvent this problcm. 

Blanch's continuous runs were operated for ovcr 55 h at double thc productivity of batch 

or fed-batch culture. 

In normal batch operation, productivity is limited to  -0.25 g/(I,-h), or 13 g/L 

butanol after 40 hatch h plus 12 h of  fermcntcr turnaround. Productivitics in the range 

of 0.16-0.58 g/(L-h) have bccn rcporlcd by various i n v e s t i g a t o r ~ . ~ " ~ " , ~ ' , ~ ~ , ~ ~ , ~ ~  

The extractive fermcntation program at Battelle Mcmorial Institutc picked up 

where these studies left c,€L Since carly 1986, Rattelle had becn develnping i ts  

"multi-phase f lu id id -bed  (MPFB) bioreactor" conccpt with thc intcnt to enhance 

fcrmentation by removing product as fast as it forms using an in situ solvent (oleyl itlcoliol, 

ctc.) that is not soluble in thc aqucous fernlentation medium and nontoxic t o  thc organism. 

A schematic drawing of the biorcactor concept is shown in Fig. 5. This design W;IS used 

to represent the fermenters in this study. The production of bulanol/acctonc'/cthanol by 

C'. ncetobutylicurn was chosen as the dcmonstralion example Lbr the generic prcxess. More 

reccntly, this program has bccn transferred to the Oak Ridge National Laboratury. If 
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MPf 

MULTIPHASE FLUIDIZED BED BIOREACTOR 
WITH C E U  RECYCLE 

Discharge (Liquid 
Liquid and Gas) 

c 

Entrained Phase 
Separator 

.iquid 
lecycle 

I 

O f  

Feed (Liquid or 
Liquid and Gas) 

Fig. 5. Mulzphase Fluidized Bed (MPFB) Concept. 

16 



successful with this system, the Oak Ridge program will be expanded to the acetic acid, 

ethanol, and other systems. 

Thc goals o f  the Battclle program are to (1) demonstrate the feasibility o f  the 

MPFB bioreactor for producing bulk chemicals in a continuous niodc and (2) provide a 

gcncric design basis which can be scaled up beyond thc current prcpilot scale to the 

commercial production o f  butanol as well as other major products. 

Thc program t o  date has been aimed at developing a cell inmobilization system; 

tcsting this in a fluidized-bed rcactor; determining in separate tests thc toxicity of the 

candidate solvents for butanol toward the immobilized organism; and in the course o f  all 

this, to  design, build, and operate a process development unit (prepilot plant) t o  study 

operation. Progrcss has been reported in a number of  paper^.^"^' 

5. PROCFSS DEVELOPMENT STRATEGY 

5.1 BATCH MODE 

In the operation of the  conventional batch fermenter on C. crcelobul)llicitnz, i t  is 

wcll known that as thc product accumulates in the fermenter, a point is rcachcd at which 

product inhibition of the functioning of  the organism shuts down the fcrmcntation. 'The 

amount of product produccd is controlled by the volume of the fermenter at the maximum 

attainable product concentration -- usually a low amount. 

In view of  this limitation of the batch systcrn, many researchers havc cvaluatcd thc 

advantages of removing product from the batch fermenter "as fast a s  i t  forms" by various 

means in ordcr t o  sustain the ferrncntation ovcr a longer period. In such cascs, additional 

substrate must bc added in such a manner as to not adversely affect the Lermentation by 

subsirate inhibition. This condition usually results in thc use of 3 fed-batch mode. 

In elfect, however. this approach actually represents a conversion of  thc batch 

mode lo a continuous mode in which cclls are prcvented from leaving thc fermenter. 

Thus, in any continuous system, thc product is always being removed li-om the fcrmenter 

as fast as it forms. 
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5.2 CONIINUOUS MODE 

It appears then that the development of a continuous fermentation system is a 

fundamental requirement for improving the economic viability of the butanol process. As 

noted earlier, Blanch has operated a small research unit in a continuous mode, as has Scott 

of Oak Ridge National Laboratory.63 Scott incorporates lactic acid in an immobilized cell 

system to act as a mild hydrogen donor to scavenge oxygen so as to maintain a strict 

anaerobic environment and prevent cell deactivation. 'These results are encouraging, but 

i t  is imperative that continuous operation be demonstrated over an extended period at 

pilot scale. 

This study was based on a continuous fermentation system in which product is 

removed from the broth either by an external, multistage extractor or by the in situ, single- 

stage extraction of product within the fermenter itself. The two approaches differ in that 

in the external case, the beer (at the maximum allowable, but low, product concentration) 

is the feed to a multistage extraction; whereas in the in situ case, the same beer is the 

raffinate leaving a single-stage extraction. In the latter case, the "effective concentration" 

in the fermenter (thd'feed" to the in situ extraction) can be 10-15 times higher than in the 

aqueous beer phase, although the single-stage extraction is not as efficient as the 

multistage approach. Work is under way now to develop a model based on an in situ 

multistage extractor/fermen ter design. 

5.2.1 External Multistage Extractor 

'Ihis study was based on a continuous fermentation system in which cells are 

maintained in the fermenter at a desired, maximum level. 'Ihus, assuming that specific 

productivity [g product/g cell-h] remains constant at constant (but maximum allowable) 

product conccntration, the higher the cell density the greater the volumetric productivity 

[g product/L.h], the shorter the fermentation time, and, hence, the smaller the fermenter 

size and investment required for a desired design capacity; or, for an existing fermentation 

plant, the greater the throughput and production level. 

This result can be accomplished either by immobilizing the cells to prevent their 

loss from the fermenter or  by filtering the cells from the beer and recycling them. The 
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immobilization approach would be preferred; it would avoid passing cells through a filter 

and, possibly, an extractor with possible deactivation of cells by mechanical attrition or 

exposure to solvcnt and with possible plugging of the trays of an extractor. 

If €or some reason the cells cannot be immobilized, then, two alternative recycle 

schemes can be considered: (1) a single recyclc in which the cells are carried with the beer 

through an extractor and recycled with raffinate to the fermentsr, o r  ( 2 )  a double recycle 

in which the cells are separated from the bccr bcfore the extractor and recycled, while 

cell-free raffinate from the extractor is recycled separately so as to assist in recovering 

by-products. 

The  economic consequences for any of the above options would be the same 

except for certain limiting situations. 

5.2.2 External Extraction With Single Recycle 

The  single-recycle mode was used as thc basis for this study as a "worse" case. It 

has the drawback that recycled ccll density and recycled raffinate cannot be controlled 

separately. Thus, for this model, a point is reachcd at a recycle ratio of 1.51 beyond which 

recycle supplics all the need for makeup water in the fresh fecd. To go higher would 

require that the 45% syrup fecd to the fermenter be evaporated to maintain thc water 

balance. This would greatly increase the cost of  substrate and must be avoided. 

This limitation may bc moot, howcver, since at a 151 recycle, cell density has been 

increased from 1.4 g/L at zero recycle to 22.3 g/L, dilution ratc from 0.03 h-' to 0.48 h-*, 

and volumetric productivity from 0.4 to  6.3 g/L.h. As a result, total plant irivestmcnt has 

been reduced from $228 million to $41 million for a 160-million-~~undi-per-year production 

level and thc cost-plus-rcturn selling price from $1 .OXfib butanol to $0.43/lb. Although cell 

density could presumably bc increased above 22 g / L  without adverse ellect, further 

increases would lead to marginal improvements in cost. 

5.2.3 External Extraction with Double Recycle 

In the double-recycle case, ccll density could reach highcr lcvels than arc possiblc 

with the water balance limitations of the single-recycle case. Likewise, cells would have 

19 



less exposure to solvent with concomitant possible toxic side effects. 

would have to be more sophisticated, but this is not an insurmountable problem. 

Process control 

In either recycle case, the recycle of raffinate is mainly desirable to reduce product 

losses to the aqueous purgc. It also reduces the fluid load on the first raffinate still, 

thereby reducing the cost of this large still and its attendant steam consumption and 

investment. Kaffinate recycle is also ostensibly desirable to (1) enhance the extraction of 

less extractable by-products such as acetone and ethanol; (2) conserve process water; and 

(3) recycle cells in the single-recycle case. None of the latter arguments are critical to the 

process. For the basis of this study, the recovery of low-boiling chemicals by distillation 

of the raffinate is definitely economically justified. This prevcnts the loss at any recycle 

ratio of valuable byproducts that are not recovered by extraction. Conservation of process 

water is of minor importance compared with other cost elements. As noted, cell recycle 

can be accomplished by separate recycle or immobilization. 

5.2.4 In Situ Extraction 

In the in situ case, cells are either recycled, immobilized, or allowed to grow in a 

first-stage fermenter to the level required to produce the desired amount of product in a 

second stage, such that the raffinate (beer) leaving the fermenter docs not exceed the 

threshold levcl of inhibition of product concentration. The effective concentration (Le., 

aniount produced divided by the aqucous flow) would be many times this since the bulk 

of thc product leaves in the solvent extract. The multiplier would approxinlately equal the 

solvent/leed ratio times the distribution coefficient (-12X for the basis used). 

In summary then, in external extraction, cell density is increased to reduce 

fermentation time and fermenter volume at the maximum allowable product Concentration 

in the beer for a desired production lcvel. In situ extraction cell density is increased to 

increase effective product concentration at the maximum allowable product concentration 

in the aqueous beer and constant fermentation time for the desired production Icvel. 
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6. EXTRACTIVE FERMENTATION PROCESS SCENARIOS 

6.1 PROCESS SCENARIO FOR EXTERNAL EXTRACrlON 

A flow sheet for the proccss model of cxternal extraction is shown in Fig. 6. Beer 

lcaving the fermenter train is passed to a multistage extractor (or first to a filter in the 

double-recycle model), whereupon substantially all of the product is removcd by a selective 

solvent. Some of the by-product acctone and ethanol arc removed also, as arc the higher- 

boiling acids: acetic and butyric. Actually, as a worse casc it was assumed, rathcr than 

known, that thc acids would be, indeed, produced and that the pH oE extraction would be  

low cnough fo r  the acids to cxist as acids rather than as salts. In salt form, tlrcy could not 

be  extracted and would stay with the raffinale. 

Thc aqueous raCCinatc, containing cells in the single-rccyclc case, leaving thc 

extractor is rccycled to thc dcsircd, higbcst possible level to the fcrmcntcr. Thc  balancc 

is filtered to  remove residual cclls. ‘l’he filtrate is scnt to the raKinatc still train to rccovcr 

by-product acetone and ethanol. Residual salts either Fcd Lo or produced in the 

fermenters are purged as the tails from the first raffinate still. 

Butanol, by-product acetone and ethanol, and solvent contained in the extract arc 

separated in a low-boilers still train. Butanol and acetone are recovered in pure form in 

th is train, whcreas crude ethanol is sent to the rafaInnatc train for purification. Solvent is 

scparated from lower-boiling was tcs in the high-boilers still and recyclcd to the extractor. 

One potential problcin with the use of a high-boiling solvcnt must be noted. If the 

solubility of solvent in  water is high enough, the loss of solvent to the aqueous waste 

leaving the process as the tails from thc first raffinatc still might be unacccptablc. A 

solubility of 20 p p n  was assunicd in this study, while Blanch assumed 100 ppm in his study. 

Either would be satisfactory. 
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6.2 PROCESS SCENARIO FOR IN srru EXTRACTION 

The flow shcct for the In situ case is substantially the snmc as for the exlcrrial 

extractor casc except that cxtraction is carried out in the fcrmcntcr and no additional 

extraction vessel is required. Also, aqueous rafl'inate containing cell debris and 

unextracted product and by-products is sent to waste disposal. The cvaluation of this case 

did not include the rccovcrgr of chcrnicals in thc raflinate. This would probably be 

justificd; in which c x e  thc raffinatc still train used for the external extractor case would 

be added. The  process i s  shown in Fig 7. 

It was assurricd that the plirrit would be sited in the Midwest adjoining a wct corn 

mill, with dilutc 45% syrup supplied cwcr thc Pence by pipelinc. Capacity w a s  s i d  t o  a 

1SO millicsn-poitnd-per-year butanol plant having a midpoint of construchn in 1984 a n d  

opcrating in 1988 a t  a 16O-milli~n-pound-per-y6ar production ratc. T't.xhnical and financial 

data for  thc cascs cvaluatcd x c  providcd in thc  ;-lppendiwes. 

Basic data for the extcrnal extraction process arc outlined in Tablc 5 according to 

whcther they are  indzpcndent or dependent variables. Key equipment dinicnsions arc 

shown to provide a fccling for scale of the operation. Thc basecasc data fo r  fcrmcntation 

without cell recycle wcrc nbt:~incd from thr: literature sourccs discusscd car licr. 

Distribution cocfficicnbs wcrc dctermincd hy bat tell^.^^ A comparison with thc basis used 

by Blanch is shown in Tablc 6. 

The inairi differcnccs among caws were whether or not raft inate with cc.11~ was 

iccyclcd and whcthcr r:tfl'irmc cbcniicals wcrc rccovcrcd. As can bc notcd from the 

selling prices rcquired to provide an adequate return on invcstmcnt, thc rccyclc of cells 
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Beer Beer L.B.S. L.B.S. 
still #I  Still 12 Still n l  Still #2 

Butanol Waste 

Waste 

H.B.S. to Storage 
Still #1 

Cross Flow 
Filter 

Filtrate to 
Waste 

NO RECOVERY OF RAFTlNATE CHEMICALS 

Fig. 7. Process model uscd in economic study. 
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Table 5. The external extraction process 

Process basic darn 
Model stoichiometry 

With recycle of ral'finate/cells 
Wilh recovcry of ral'finate cheniials 

Butanol cost-trelurn selling price, $/lb 

Specified oneratine pnraineters 
Annual capacity, lo6 Ib/year 
Butanol concentration in beer, s/L 
Specific productivity, g BuOIi(g cellsh) 
Glucose t u  proclucts, % of converted 
Solvent-Lo-beer ratio 

Butanol yield to extract, 1b:Ib in beer 
Raffinnte Cy: cell recycle ratio 

Dependent vnriithles 
Glucose demand, Ibilb butanol 
Cell density, g'L 
Dilution rate, L/h 
Volumetric productivity, g Bu0If(L:1h) 
Butanol yield itcross refining, $ L:d 

Fermenter volume, 1000 gal (gross) 

Extractors - Stages 
- Height, f t  
- Diameter, Ct 
- Number 

Beer still #l - Plu!es 
- Height, Ft 
- Diameter, It 

R;rflinnte still #1 - Pl;rtes 
- Height, tl 
- Dinmctcr, L't 

Goal Base Base Base Base 
Yes Yes Yes No No 
N.4 Yes No Yes N O  

0.35 0.13 0.48 1.07 1.05 

0.970 
27: 1 

2.56 
21.1 
0.46 
6.0 

955.4 

635 

9 
28 
11.5 
4 

11 
31 
5.4 

N/t\ 
NfA 
N/A 

0.970 
15:l 

4.29 
21.8 
0.48 
6.2 

98.8 

616 

9 
28 
11.5 
4 

10 
30 
6.4 

32 
63 
4.9 

Y 

180 
13 
0.283 
95% 
0.3 

0.970 
151 

4.29 
21.8 
0.48 
6.2 

98.8 

616 

9 
28 
11.5 
4 

10 
30 
6.4 

-- 
-_ 
-_  

0.9599 
-0- 

4.29 
1.4 
0.03 
0.4 

98.9 

9654 

20 
50 
11.1 
4 

10 
30 
5.8 

42 
78 
lS.9 

0.999 
-0- 

4.29 
1.4 
0.03 
0.4 

9#.9 

9654 

20 
50 
11.1 
4 

10 
30 
5.8 

_- 
-- 
-- 



Table 6. Blanch’s basis comparison 

This study Blanch’s study 

Product concentration, s/L 13.0 

Fermentation time, h 33 

Ccll density, g,L 1.4 

Spccific productivity, g/g -11 0.28 

Volumetric productivity, g/L-h 0.39 

Distribution cocfficicnt 

Butanol 4.3 

Ace tone 0.5 

Ethanol 0.2 

Acctic acid 0.2 

Butyric acid 0.2 

13.7 

30 

3.0 

_ _  

0.46-0.89 

2.6 

0.3 

0.1 

n.a. 

n.a. 

to the highest opcrablc density is of utmost importance. Recovcry of raffinate chemicals 

is also justified. 

Data used for  the in situ extraction casc are the same as thc  above exccpt that no 

rccyclc o r  ral‘finatc recovery was involved. 

8. EXTRACIIBN PERFORMANCE 

In continuous, multistage, countcrcurrcnt extraction, a trade-off must bc made 

between the required number o f  stages, which dctcrmiiies the cost of the extractor, and 
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the solvent-to-aqueous feed ratio, which determines the cost of recovering product from 

the solvent extract. The number of stages required for the separation approaches infinity 

as the product of the distribution coefficient times the solvent/fccd ratio approaches unity. 

As a practical matter, this product should be controlled fairly close to unity for a proper 

balance. This cffect can be seen from the data of Appendix G, which define the number 

of stages required for any given solvcntiEeed ratio and desired yield of product to extract. 

For the external extractor basecasc, a solvcntifeed ratio of 0.3 at a distribution 

coefficient of 4.3 (0.3 x 43-1.29) called for 9 stages at a yield of 97%. As will be 

discussed later, this combination appeared to provide the lowest cost. The yields of  

acetone (15%) and ethanol (6%) are Low because oftheir  low distribution cocfficicnts and 

low solvcntifeed ratio. 

Foi the in situ extraction case, the fermenter acts as a sin@ stage of extraction. 

Consequently, the efficiency i s  lower than lor the multistage case, but much higher 

ePPectivc concentrations of product in the fermenter can be  realiLed. 

Yields of product to extract for single-stage extraction for various distribution 

coefficients and solvcnthecr ratios are shown in Table 7 and Fig. 8. At a distribution 

cocfficicnt of 4.3, a solventibcer ratio of 3.5 would lead to a distribution o f  93.8% o f  the 

butanol solute in the fermenter to the extract. At its lower distribution coellkicnt, the 

yield of acetone to extract would bc -61)%, and the yield of ethanol, 40%. 

The improvetncnt possible in effcctivc concentration is shown in Table 8 and Fig. 

9, in which "initial" conccntiation represents the amount of product produced relative to 

the aqueous flow. Thus, at a solvcntifeeed ratio o f  3.5, the effective concentration of 

product in thc fcrmcnter can be increased to dose  to 200 g/L whilc maintaining the actual 

concentration in the aqueous raf'finate (beer) at 13 gL, the threshold o f  inhibition. 

It should be noted that although oleyl alcohol was uscd iis d tnodcl solvenl in  lhis 

study, as well as in inany others rcportcd in thc literature, it could not be uscd in 

comniercial practice since i t  boils too high to allow a practical separation of procluct from 

the cxtract. It was assumed in this study that lhe oleyl alcohol was either in a cnrricr of 

nonyl alcohol or that a new solvent was identified that had the solvcnt characttristics of 

oleyl alcohol and thc distillation characteristics ol nonyl alcohol. 
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Table 7. Yieid of solute to extract 
(% of solute produced) 

Distribution Solvent/beer ratio 
coefficient, K 0.25 0.50 0.75 1.00 2.00 3.00 4.00 5.00 

0.25 
0.50 
0.75 
1 .oo 
1.25 
1.50 
1.75 
2.00 
2.25 
2.50 
2.75 
3.00 
3.25 
3.50 
3.75 
4.00 
4.25 
4.50 
4.75 
5.00 
10.00 
15.00 
20.00 

0.059 
0.111 
0. 158 
0.200 
0.238 
0.273 
0.304 
0.333 
0.360 
0.385 
0.407 
0.429 
0.448 
0.467 
0.484 
0.500 
0.515 
0.529 
0.543 
0.556 
0.714 
0.789 
0.833 

0.111 
0.200 
0.273 
0.333 
0.385 
0.429 
0.467 
0.500 
0.529 
0.555 
0.579 
0.600 
0.619 
0.636 
0.652 
0.667 
0.680 
0.692 
0.704 
0.714 
0.833 
0.882 
0.909 

0.158 
0.273 
0.360 
0.429 
0.484 
0.529 
0.568 
0.600 
0.628 
0.652 
0.673 
0.692 
0.709 
0.724 
0.738 
0.750 
0.761 
0.771 
0.781 
0.789 
0.882 
0.918 
0.937 

0.200 
0.333 
0.429 
0.500 
0.556 
0.600 
0.636 
0.667 
0.592 
0.714 
0.733 
0.750 
0.765 
0.778 
0.789 
0.800 
0.810 
0.818 
0.826 
0.833 
0.909 
0.938 
0.952 

0.333 
0.500 
0.600 
0.667 
0.714 
0.750 
0.778 
0.800 
0.318 
0.833 
0.846 
0.85 7 
0.867 
0.875 
0.882 
0.889 
0.895 
0.900 
0.905 
0.909 
0.952 
0.968 
0.976 

0.429 
0.600 
0.692 
0.750 
0.789 
0.8 1 E; 
0.840 
0.857 
0.871 
0.882 
0.892 
0.900 
0.907 
0.913 
0.918 
0.923 
0.927 
0.93 1 
0.934 
0.938 
0.968 
0.973 
0.984 

0.500 
0.667 
0.750 
0.800 
0.833 
02357 
0.875 
0.889 
0.900 
0.909 
0.917 
0.923 
0.929 
0.933 
0.938 
0.941 
0.944 
0.947 
0.950 
0.952 
0.976 
0.984 
0.588 

0.556 
0.714 
0.789 
0.833 
0.862 
0.882 
0.897 
0.909 
0.918 
0.926 
0.932 
0.938 
0.942 
0.946 
0.949 
0.952 
0.955 
0.957 
0.960 
0.962 
0.980 
0.987 
0.990 
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9. l’ROJG(3TEID ECONOMICS 

OF THE CONVENTIONAL WEEMANN PKOCEYS 

Butanol currently sells lor $0.38/lb at a crude oil price o f  $15-$20ibbl. This price 

has been fairly stable since 1982. IYowcvcr, considering the increases expected again in 

crude oil prices in the 199% a doubling in the price for oil-based butanol is not 

inconceivable. 

Lcnz and Morcira analyzed thc cconomics of thc conventional Weizmann proccss 

utilizing a molasses substrate and found that thc  process would have t o  opcrate at a loss 

because of the combined cfl’cct o f  raw material costs and dilute 

The  current study also concludcd that the Weizmann process would operate a t  a 

loss in thc present economic environment. Butanol from a 170-million-pound-per-year 

plant based on the convcntional process and operating at 150 million Ib/ycar in 1987 would 

cost -$1.19/1b f o r  thc fermentation operation alonc (including raw materials cost but 

excliitling recovery and purification costs).6’ This cost includes a 30% pretax return on  

i nvcs t mo n t . 

The invcstmcnt at thc midpoint o f  construction of 19S3 is conipriscd o f  $230 

million in direct process cquipment; $33 mdlion in a1loc;ited power, services, and gcncral 

facilities; and  $30 million i n  working capital. Of the direct process investment, $200 

million alone is for fcrmc1:tcrs (16 million gal) and their ancillaries priced installed at 

$12.50/gross gal. A contingency factor o f  30% was applied to the invcstmcnt. Working 

capital is high because o f  t he  high value of the product inventory and accounts reccivablc. 

This estimate assumes ii butanol concentration of 13 g / L  a t  ;I batch time o f  40 h 

and ii turnaround o f  12 h. Of the glucose converted, 5% is used for  cell growth and 95% 

for products according t o  the  stoichiometry o f  Table 4. The product cost shcct is 

summarized in Table 9. 
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'Table 9. Product cost shect of the Weizmann Proccss 

Factor cost (S) 

Raw materials 

Utilities 

Labor-related 

Dcpreci- '3 t '  ion 

Othcr capital-related 

Cost oL' rnanulacturc 

SE, RPr D, administration 

Cost or siilcs 

Pretax canlings 

By-pIoduct crcdit 

Cost-plus-return price 

0.30 

0.04 

0.03 

0-14 

0.05 
0.56 

0.16 
0.72 

0.58 

( 0 . 1  1) 

1.19 

Wang ctinipnred thc economics o f  extractive batch fcrrncnter dcsigns with 

conventional batch dcsigns and concluded that thc, cxtraction design appcarcd t o  be 

considcrably more profit able than the conventional Blanch madc a sirnilx 

coriclusion with rcspcct to  a fcd-txitch extractive d ~ s i g n . ~ ~  

IO. PROJECTED ECONOMICS 

OF 'If1 17 EXTERNAL EX'T'RACI1BN PROCEYS 

Extcrnal multistage crrlrxtion combined with rnffinatc/cell recyclc and recovery of 

chernicals in the ra?fl?natc appears to  have a dramatic cflcct on reducing product costs. 



For the first time in ovcr 30 years, i t  now seems that the fermentation process is within 

striking distancc of  competing with synthetic butanol at $0.38/lb. The  economics o f  the 

five casts developed for the external extraction process are summarized in 'rablc 10. 

Thesc cases are also c:l;iboratcd upon in Appendixes A through E. The  mandatory prices 

are based on attaining a pretax return on an invcstmcnt of 30%. 

With ii 1 5 1  recycle and rccovciy of raffinate chemicals, the cost-plus-rcturn pricc 

appcars to bc reduced to $0.4311b. With a double rccyclc and higher recyclc ratio, further 

reductions appear possible. although these may be marginal. 

Thc  dcvclopmcnt o f  organisms that are less inhibited by product and/or have a 

stilcctive stoichiornctry favoring thc production o f  butanol appears t o  reducc cost below 

the present pricc fo r  synthciic butanol. 

These conclusions will hc discusscd fiirthcr in the following scctions. 

10.1 EFFECT OF RAFFINATEICELL RECYCLE 

Cost is primarily scnsitivc t o  the rccyclc o f  cells. As shown in Table 11, cost 

decrcascs with increases in recycle ratio ovcr the entire range studicd. This c f f c ~ t  mainly 

results from ii conconiitalit reduction in fcrrncntcr and total plant invcstmc'nt. For this 

modcl, rccyclc ratios ovcr 1S:l would rcquirc evaporation of the syrup -- an undcsirahl~: 

rcquircmcnt. I-Iowcvcr, this could be avoided by using a double rccyclc if cell 

concentrations ahovc 22 g/I, could be tolerated in the fcrmcnter. Total flov. through the 

fcrmcntcr rcmains constant irrcspcctivc of rccyclc ratio for a fixed, limiting product 

concentration and annual  production rate. Cell dcnsity increases as cell rccyclc incrcases; 

thus, fcrmcntation time and fcrmcntcr investment can be decreased corrcspondingly to 

balancc production rate at  a constant spccific productivity. 

10.2 EFFEC'I' OF SOLVENT/BEER RATIO 

The solvcnt-to-bccr ratio should be minimizcd for optimum costs. Thc cost tradc- 

of f  of opcrating paramctcrs is shown in Table 12. For the conditions of  this study, the 

best ratio appears t o  be 0 3 .  For ;I distribution coefficient o f  4.3, the platcs rcquircd in 

the cxtractor approach infinity a t  a ratio o f  0.23, but drop sharply to reasonable lcvcls 

3 4 



Table 10. Extractive fermentation of butanol multistage external extraction 
(Production level - 160 million PPY) 

Stoichiometry 
Raff/cell recycle 
Recover chemicals 

Base 
15:l 
Yes 

Base 
151 
NO 

Base 
0 
Yes 

Base 
0 
NO 

Goal 
26: 1 
N/A 

Investment-$M 
MPC = 1984 

Direct permanent investment 
Allocated power, services, and general 
Working capital 

$27.3 
12.9 
14.4 

$25.8 
10.6 
15.1 - 

$170.7 
60.0 
- 26.9 

$159.3 
34.9 
25.5 
I 

$20.1 
8.2 
10.1 

Total investment $54.5 $51.6 $257.5 $219.7 $38.4 

Cost - $/lb (19881 
Raw materials 
Utilities 
Labor-related 
Capital-related 

SE, I), R&D, Adm, & IC 

Pretax earnings based on 30% pretax ROT 
By-product ercdit 

Cost of manufacture 

Cost of sales 

$ 0.29 
0.04 
0.03 
0.02 
0.38 
0.06 
0.44 
0.10 

(0.11) 

$ 0.29 
0.04 
0.03 
0,02 
0.38 
0.06 
0.44 
0.10 

- 

(0.06) 

$ 0.29 
0.11 
0.03 

0.57 
0.15 

$ 0.29 
0.07 
0.03 
0.13 
0.52 
0.13 
0.65 
0.41 

- 
- 

(0.01) 

$ 0.17 
0.02 
0.03 

0.24 
0.05 
0.28 
0.07 

0.02 

- 

f 0.00) 

0.14 
0.71 
0.48 

(0.11) 

Selling price $ 0.43 $ 0.48 $ 1.07 $ 1.05 $ 0.35 



Table 11. Sensitivitiy analysis - effect of recycle ratio on fermentation performance 
(For H( = 4.3; solvent/feed ratio = 0.3; produce concentration = 13 a; 

specific productivity = 0.283 g/g*h) 

Recycle Cost TPI Fermenter Cells Dillution Vol. prod 
ratio ($/lb) ($Million) ($Million) (.&> rate (l/h) (92. 

0.0 
0.5 
1 .0 
2.0 
4.0 

'4 6.0 
8.0 
10.0 
12.0 
14.0 
15.0 

c\ 

1.075 
0.854 
0.744 
0.626 
0.533 
0.491 
0.468 
0.452 
0.441 
0.433 
0.430 

228 
164 
132 
98 
71 
59 
52 
48 
44 
42 
41 

117 
78 
59 
39 
24 
17 
13 
l i  
9 
8 
7 

1.4 
2.1 
2.5 
4.2 
6.9 
9.7 

12.5 
15.3 
18.1 
20.9 
22.3 

0.030 
0.1345 
0.@60 
0.890 
0.151 
0.21 1 
0.272 
0.332 
0.393 
0.454 
0.484 

0.39 
0.59 
0.78 
1.18 
1.96 
2.74 
3.53 
4.32 
5.1 1 
5.90 
6.30 



Table 12. Sensitivity analysis - effect of solventlbeer ratio on fermcntation performance 
(For K = 4.3; recycle ratio = 15; extract yield = 99.0910; 

product concentration = 13 g/L; specific productivity = 0.283 glgh; 
cefl density = 22.3 gL; volumetric productivity = 6.3 gL4-1) 

Extractors Solvent/ cost TPL Stills Steam 
water ($fib> [$Million) ($Million) ($Million) ($Million) Stages Diarn (ft) Number 

0.30 
0.40 
0.50 
0.75 
1 .uo 

bd 1-50 
-.2 2.00 

2.50 
3.011 

0.430 
0.434 
0.444 
0.468 
0.452 
0.544 
0.597 
0.647 
0.700 

41.0 
41.5 
43.8 
48.8 
54.3 
66.0 
77.9 
88.9 
100.7 

5.5 
5.9 
4.3 
7.2 
8.2 
10.1 
12.1 
14.4. 
16.2 

8.1 
9.7 
11.2 
15.2 
19.1 
26.9 
34.6 
42.4 
50.2 

5.5 
3.9 
4.0 
3.7 
3.5: 
4.6 
5.7 
5.7 
6.5 

13 

4 
4 
3 
3 

2 
2 

-l 
I 

9 
3 

11.5 
11.9 
11.0 
11.8 
11.4 
11.8 
11.3 
11.6 
11.8 

4 
4 
5 
5 
6 
7 
5 
10 
11 



at slightly higher ratios. As the solvent-to-beer natio increases, the number of extractor 

stages that are required dccreascs but throughput and, hence, extractor diameter and/or 

numbcr increase. These opposing effects modulate cxtractor investment. However, both 

distillation and steam investment incrcasc in order to process the higher volume o f  fluid 

downs t 1- Lam. 

10.3 EFFECT OF EXTRACTOR YIELD 

A similar trade-off occurs in the choice of yield of product to extract. As yield 

incrcases, so docs the number of stages rcquircd to efrcct the separation, in opposition to  

the improvement in process efficiency. As sliown in Table 13 and Fig. 10, a cost optimum 

in reachcd at a yield of -97%. Above this, cost rises sharply. If cells are not recyclcd, the 

optimum would occur at a higher yield. 

10.4 EFFECT OF PRODUCT CONCENTRATION 

'l'hc basecases of this study were dcvcloped using a l.?-g/L product concentration 

-- supposedly closc to thc acccptablc limit of feedback inhibition. Lower and highcr 

concentrations were also cxplorcd. Higher concentrations would require dcveloping an 

organism that is less sensitive to product inhibition. This appears to be a worthwhile 

research goal. The  results arc summarizcd in Table 14 and Fig. 11. Note that dilution 

rate is  synonymous with raffinatc/rccycle ratio. 

At any product concentration. it is clearly dcsirable to operate at as high a recycle 

ratio (dilution rate) as possible. At 13 g/'L and a 15:l ratio, cell density would reach 22 

g/L. This level appears operable, but densities requircd for concentrations iibove, say, SO 

s/L (even if attainable without inhibition) may produce unacccptablc viscosities a n d  

advcrsc cffects on  the organism in the krmcnter. As a practical matter, it docs not appear 

that increasing concentration much above 25 @ will have a significant effect on  reducing 

further the cost of the product. 

I t  can also be noted that at a 15:l ratio (0.48 k' dilution rate) the cost curve is 

close to the "infinite " dilur ion ratc CUNC, a t  which point farthcr dccrcases in lcrmcntcr 

volume have nn insignilicant cflcct on  cost and investment. 



Table 13. Sensitivity o f  product cost 
to yield to extract and solvent/beer -ratio 

sm Ratio: 
15:l Raft'inate recyclc No rccvclc 
0.3 0.4 0.3 0.4 

Yield (lb/lb fed) 

0.85 
0.90 
0.93 
0.95 
0.96 
0.97 
0.98 
0.99 
0.w 
0.9999 

$0.440 
0.434 
0.430 
0.429 
0.428 
0.428 
0.428 
0.430 
0.436 
--- 

$0.450 
0.443 
0.440 
0.438 
0.437 
0.435 
0.434 
0.434 
0.438 
0.442 

$1.236 
1.172 
1.137 
1.116 
1.10s 
1.09s 

1.078 
1.075 

i.im 

$1.250 
1.183 
1.148 
1.126 
1.115 
1.104 
1.094 
1 . O M  
1 .os0 
1.083 
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Table 14. Scnsitivity of fermentation performance 
t o  product concentration 

(With rccovcry of raffinate chemicals) 

.......--I___ ......... _. ____ ............ 

3 
6 

13 
18 
25 
50 

100 

3 
6 
13 
18 
2.5 
50 
100 

3 
6 
13 
18 
25 
50 

100 

3 
6 

13 
18 
25 
50 
100 

3.51 
1.94 
1.10 
0.89 
0.74 
0.55 
0.45 

2.53 
1.45 
0.87 
0.72 
0.62 
0.48 
0.41 

1.56 
0.96 
0.63 
0.55 
0.49 
0.42 
0.38 

1.07 
0.7 I 
0.5 1 
0.46 
0.43 
0.38 
0.36 

5.18 2.91 56% 
2.66 1.46 55 
1.30 0.67 52 
0.97 0.49 50 
0.73 0.35 48 
0.4 1 0.17 42 
0.2s 0.09 35 

3.60 1.94 54 
1.87 0.97 52 
0.93 0.45 48 
0.70 0.32 46 
0.53 0.23 44 
0.3 1 0.12 37 
0.20 0.06 30 

For 2: 1 raffin.i!a<:['gll recvclc 

2.02 0.97 48 
1.07 0.49 45 
0.55 0.22 41 
0.42 0.16 38 
0.33 0.12 35 
0.2 1 0.06 28 
0.14 0.03 21 

For 5: 1 raffinatc/cell recycle 

1.22 0.49 40 
0.66 0.24 37 
0.36 0.1 1 32 
0.28 0.08 29 
0.22 0.06 26 
0.15 0.03 20 
0.1 1 0.02 14 

0.3 
0.6 
1.4 
1.9 
2.7 
5.4 

10.7 

0.5 
1 .0 
2.1 
2.9 
4.0 
8.0 

15.9 

0.9 
1.9 
4.1 
5.7 
7.9 

15.8 
31.8 

1.9 
3.8 
8.2 
11.3 
15.8 
31.7 
64.0 

0.03 
0.03 
0.03 
0.03 
0.03 
0.03 
0.03 

0.05 
0.05 
0.05 
0.05 
0.05 
0.05 

0.05 

0.09 
0.09 
0.09 
0.09 
0.09 
0.09 
0.09 

0.18 
0.18 
0.18 
0.18 
0.18 
0.18 
0.18 
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Tablc 14. (continued) 

3 
6 
13 
18 
25 
50 
100 

3 
6 
13 
18 
25 
50 
100 

0.84 
0.59 
0.45 
0.42 
0.40 
0.37 
0.36 

0.75 
0.54 
0.43 
0.40 
0.38 
0.36 
0.36 

For 1O:l raffinate/ccll raycle 

0.85 0.26 31 
0.47 0.13 28 
0.26 0.06 24 
0.21 0.04 21 
0.17 0.03 19 
0.12 0.02 13 
0.(19 0.009 9 

For 1 5 1  raffinate/cell rccvclc 

0.70 0.18 26 
0.39 0.09 23 
0.22 0.04 19 
0.18 0.03 17 
0.15 0.02 1s 
0.11 0.02 10 
0.09 0.006 7 

3.4 
6.9 

15.0 
20.8 
29.0 
58.6 

119.6 

5.0 
10.0 
21.8 
30.3 
42.3 
86.0 
177.7 

0.32 
0.33 
0.33 
0.33 
0.33 
0.33 
0.34 

0.47 
0.47 
0.48 
0.48 
0.48 
0.49 
0.50 
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10.5 EFFECT OF SUGAR PRICE ANI1 YIELD 

The  cost of the  sugar substrate is a very important element of cost, particularly if 

the erngincering improvements discusscd in the previous section can be realized. For 

Hasecase A, the cost o f  substrate amounts to 65% o f  the $0.43/lb selling price and 74% 

of the cost of manufacture. This cost combines the effects of sugar price and yield t o  

product. 

If an  organism can be dcvelopcd to provide thc stoichiometry indicatcd as the  goal 

case of Table 4, the cost-plus-return sclling price could be reduced from $0.43/lb to 

$0.15/lb ( i t . ,  below the current price for synthctic butanol). This case is summarized in 

'Table 10 and Appendix E. 

The  study was based on the availability of a contract supply of  ;I d i lu t e  45% corn 

syrup from a n  adjoining wct mill a t  a transfer price of $O.O6S/lb equivalent glucose. 

Unfortunately, such pricc information is considered proprietary by wet millers a n d  is not 

f'orthcoming. I-Iowcvcr, a recent analysis of the feedstock costs for fermentation ethanol 

plants6' showcd that over thc period lQ8l - 2Q86 at an average piice li,r #2 ycllow corn 

ex Chicago of $2~86/biishel the avcrage pricc for  corn nct o f  by-product credits wwi 

$0.03911b of glucose. Similarly, over the period 2Q87 - lQ88 the corresponding costs wcrc 

$1.79ibushcl and $0.009/1b of sugar. 

A corn price o f  $2.6O/bushel appears t o  correspond t o  a srigar cost of -$O.OSl/lb 

o f  starch according t o  the correlation o f  published data shown in Fig. 12. 

Finally, the following estimate was made by thc author as an  approximate, if n o t  

qualificd, evaluation o f  substrate costs. The basis w a s  for an early 19SO plant processing 

60,000 daily bushcls t o  producc 720 million annual pounds o f  syrup (dry basis). Thc  wet 

mill yield was assunicd to be 31.6 Ib of starchhushel. Investment i n  the wet mill w a s  

estimalcd to be $40 million (Table 15). 

The sensitivity o f  butanol cost to sugar price i s  slnown in Table 16 and Fig. 13. If 

sugar wcrc frce, cost-plus-rcturn would drop to $O.O9/lb. 

Commcrcial acccphncc o f  the enhanced fermentation proccss n i l l  ultimak!ly 

depend on the direction taken by crutlc oil prices. 'Ihis market is still soft a t  -$17-'70/bbl. 
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Table 1s. Approximate evaluation of substratc covts 

Nct corn 

EnLymcs 

Idahor 

Utili tics 

Maintcnancc, taxcs, and insurancc 

Ueprccia t ion 

Nct cost of rnanufiicturc 

Sclling, adniinistrativc,& rcsearch 

Earnings bcfore taxcs 

Sclling pricc 

Savings for contract 45% syrup 

Stcam 1.15 lbbb 

Labor 

Maintenance, a n d  dcprcciation 

S, A, RC l i  

Earnings 

Adjustcci con1 rac t  pricc 

$0.074 

(0.01 3) 

(().008) 

(0 020) 

(0.011) 

0.033 

0.0Oci 

0.007 

0.005 

0.004 

0.004 

0.062 

___.__I 

0.002 

0.01 7 

$0.081 

(0.006) 

(0.00 1) 

[ 0.00 1) 

(0.001 ) 

(0.007) 

$0.065 



Table 16. Sensitivity analysis 
Elfcct o f  sugar price on product cost 

Sugar Cost o f  Cost of Cost-plus- 

(%ill,) ($Ab) ($/It>) ($Ab) 

price raw material mfg. return 

0.00 
0.02 
0.04 
0.06 
0.08 
0.10 
0.12 

0.004 
0.090 
0.177 
0.264 
0.351 
0.43s 
0.525 

0.09') 
0.186 
0.273 
0.360 
0.447 
0.534 
0.62 1 

0.092 
0.196 
0.299 
0.402 
0.506 
0.609 
0.713 

However, James McNahb o f  Conoco' has pointed out that OPEC is prcscntly opaa t ing  

at only 60% of  capacity. By the carly 1990s, production is expected to reach SO'%; market 

power will shift back from the buyer to the seller, with a corollary increase in o i l  prices. 

As a result, he forecasts tha t  although oi l  prices will remain in the low $ 2 0 ~  until 1990, 

they will reach the mid $ 3 0 ~  by 1995 and $50 per barrel by the year 2000. 'l'hiis, ;i 

doubling of thc $0.38 price for butanol 017cr the next decade is not o u t  of the question. 

10.6 EFFECT OF RECOVERY OF RAFFINATE CHEMICALS 

Since butanol is thc primary product o f  the ABE systcm, the process model was 

designed to extract substantially all o f  it with a reasonable number o f  extraction stages. 

Howcvcr, since the major by-products acetone and ethanol have lower distribution 

coefficients, a considerable portion of  that which is produced rcmains in the aqueous 

raffinatc. For this system, i t  appcars that the recovery o f  thcsc by-products from t h c  

raffinate purge is economically justified provided that raffinatc and cells are recycled at the 

levcl studied. Indeed, the  return on the additional investment required amounts t o  220%. 

The cases with a n d  without rccovciy compare as follows (Table 17). 
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Tablc 17. Efl'cct of rccovcry of raffinate chemicals 

Expcnsc, $Ab No  recovcry Rccovery Differencc 

Cost of sales $0.444 
Acctonc credit (0.062) 
Ethanol credit .II 

0.382 
-- 

Invcstment, $/lh 

New slills -- 
By-prod uc t storage 0.004 
Steam 0.035 

0.039 

Total plt. invcst 0.203 

$0.439 
(0.084) 

0.327 

0.009 
0.008 
0.04s 
0.062 

0.228 

($O.OOS) 
(0.022) 
(0.028) 
( 0 . O S S )  

0.009 
0.004 
0.0 10 
0.023 

* $4.5 million for 180 MM PPY plant 

Rcturn o n  additional invcstrncnt = $0.0.55/$0.025 = 220% 

11. PROJECTED ECONOMICS 

OF THE IN srru rzximcrroN PROCFSS 

The cost-plus-return for butanol as manufactured by the in x i h i  extraction niodcl 

would amount to  $0.49111~ at tlic sarric 22-Fj12 ccll density as for tlic external extraction 

case, for which the cost was $0.48/1b without recovery of raffinatc chemicals. Both modcls 

would benefit furthcr by recovcry of the  by-products, but that schcmc was not  includcd 

in the in situ mcxlel. As with thc cxtcrnal extractor case, the minirnum cost o f  thc in situ 

case depends on the extent to which ccll dcnsity can be incrcasctl. I n  the case of  tlic in 

situ basccase, incrcirsing thc solvcnt t o  fccd ratio at  a fixcci dilution ratc is thc main 

operating approach. A basecasc ratio of  3.5 at a 0.03 h-' dilution rate was uscd hcrc. A 

summary of thc cconornic picture is providcd in Tablc 18 and Appcnclix F. 



Table 18. Single-stage in situ extraction fcrmentation of butanol 
(No recovery o f  raffinatc chemicals) 

Basccasc stoichiometry 
Summary 

Production level 
163 Million PPY 

Investment, $Million 
_. MPC = 1984 

Direct permanent investment 
Allocatcd powcr, scra/ices, and gerneral 
Working capital 

Total investment 

Cos t, .$J-b ( 19SSl 
Raw rnatcrials 
Utilities 
1 .ahor-related 
Capital-rcla ted 

Cost o f  manufact:m 
SE? D, R&T), Adm, and IC 

Cost o f  sales 
Pretax earnings based on: 30% pretax ROI 
By-product crcdit 

Selling price 

-. Fi . . . n . . _. anc . i a I Cr i t e r i ii 
Net ROI 3rd year (assumed) 
Investors rate o f  rcturn (20 operating years) 

Ycars to break evcn - Annual cash 
- Cumulative cash 
- Cum. disc. cash (NPV) 

Net present value $Million (20 years @ 12%) 

21.6 
9.5 

. .. 15.8 . 

47.0 

0.30 
0.05 
0.03 
0.02 
0.40 
0.06 . .- 

0.46 
0.0') 

(0.06) 
0.49 

-___ 

16% 
17% 

1987 
1991 
1995 

$16.4 

SO 



11.1 EFFECT OF SOLVENTFEED RATIO 

Cost is reduced by raising the solvent/feed ratio to the highest level possible. As 

noted in Table 19, cost might be reduced to $0.39/lb at a 20:l ratio if a cell density of 120 

g/L were operablc, but that seems doubtful. A large portion of the saving is related to the 

reduction in fermenter volume and investment that results from the trade-off with cell 

density at constant specific productivity. At  high solvent/feed ratios, fermenter investment 

becomes insignificant compared with total plant invcstrnent, an4  in effect, an "infinite" ratio 

is reached. 

Distribution coelficient is an important adjunct to solvcnt/feed ratio. This effect 

is shown in Table 20 and Fig. 14. If a coe€ficient of 4.3 cannot be  attslincd in commercial 

operation, the reduction in performance can be compensated for to some extent by raising 

the ratio. 

11.2 EFFECT OF BUTANOL CONCENTRATION 

For the in situ evaluation, butanol concentration wits held constant at 13 g/I+ the 

threshold of inhibition for the existing organism. However, cost performance could be 

improved if product inhibition could be  reduced. The  effect of increasing the allowable 

concentration in conjunction with changes in solvent/feed ratio is shown in Table 21 and 

Fig. 15. 

Similarly, cost could be reduccd by developing a more active organism with a 

higher specific productivity that could operate at a dilution rate higher than the 0.03 h" 

used in thc in situ basecase. The combiricd effect of improvements in both dilution rate 

and product concentration is shown in Table 22 and Fig. 16. Data for an "infinite" 

dilution rate are included. 

performance can be pushed. 

That curve represents the limit to which the fermenter 
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Table 20. Single-stage in situ extractive fermentation of butanol 
No recovery of raffinate chemicals 

Basecase stoichiometry 
(Sensitivity of cost-plus-return price to solventbeer ratio 

and distribulion coefficient) 

Distribution 
coefficient 

Cost ($Ah) 

0.25 0.50 1.00 3,CN 5.00 10.00 20.00 
Solvent/’beer ratio 

‘J? 
.e+ 

025 
0.50 
1.N 
2.00 
3.00 
4.30 
5.00 
10.00 

16.48 
8.54 
4.55 
2.54 
1.84 
1.44 
1.31 
0.89 

8.67 
4.62 
2.57 
1.53 
1.17 
0.96 
0.89 
0.67 

4.78 
2.64 
1.56 
I .w 
0.82 
0.70 
0.64 
0.55 

2.17 
1.38 
0.86 
0.63 
0.55 
0.5 1 
0.49 
0.44 

1.65 
1.02 
0.71 
0.55 
(f.49 
0.46 
0.45 
0.42 

I .24 
0.81 
0.59 
0.48 
0.44 
0.42 
0.41 
0.39 

1.03 
0.69 
0.52 
0.43 
0.41 
0.35, 
0.39 
0.37 
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Table 22. Single-stagc in situ extractive fcrmcntation of butanol 
No recovery o f  raffinatc chcmicals 

Basecasc stoichionictry 
(Sensitivity of cost-plus-rcturn price) 

Raffinale 
concentration 

(@A> 

2.25 1.40 1-10 1.02 0.97 
1.05 0.76 0.66 0.63 0.62 
0.62 0.53 0.50 0.49 0.49 
0.49 0.46 0.45 0.45 0.45 
0,44 0.44 0.43 0.43 0.43 
0.43 0.43 0.43 0.43 0.43 
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11.3 EFFECT OF SUGAR PRICE 

As might he cxpectcd, cost is highly sensitive to  sugar price. ‘Ibis c fkc t  is shown 

in Tahlc 23 and Fig. 17. It will be very impc-a-tant to  the viability of either extraction mode 

t o  providc a cost-effectivc supply o f  syrup t o  the commercial venture. 

12. RECOMMENDATIONS 

It  appeared rrom the results or the study that eithcr thc cxtcrnal or in situ 

extraction proccsscs would be equally cffcctive in rcducirig Ihc cost of producing butanol 

to cornmcrcially acccptablc Icvcls. However, thc external process w7ould appear to bc 

more easy t o  dcvclop and operate on a commercial scale. Accordingly, the €allowing 

rccommcndatinns arc made ;IS a guidc to further research in this arca: 

1. Dcmotistratc continuous operation of the fcrmcntation pr-nccss on a rack. or pilot 

scale ovcr an cutcndcd run time, say, 1W h. 

2. Immohilic,e the cclls and/or add n crossflow filter or sirnilar separation device so 

as to retain the cclls in the fcrmcnter o r  rccyclc them to the desired maximum cell 

density while incrcasing flow through the fcrmenter t o  hold product conccntration 

at its optimum lcvcl rclativc to fwdhack inhibition. 

3. In n separatc systcm, test the conlinuous countcrcurrcnt cxtraction Q€ butanol, 

acctonc, and ethanol by oleyl alcohol or an improved solvent using a synthetic bccr 

that mimics the expcctcd impurity and salt lcvcls of thc ferrncntation bccr (or 

use thc actual bccr iT such is available at  that time). 

4. Concurrently, in B separatc small-scale laboratory study, seck a solvent having 

bctter distillation characteristics than oleyl alcohol with at  lcast the same 



Table 23. Singlc-stage in situ extractive fcmcntation of butanol 
N o  recovery of raffinate chemicals 

Basccasc stoichiometry 
(Effcct of sugar pricc on product cost) 

Cost of 
raw mat. 
(%Ab) 

0.00 
0.04 
0.06 
0.08 
0.10 
0.12 

0.00 
0.19 
0.28 
0.38 
0.47 
0.56 

0.10 
0.29 
0.38 
0.48 
0.57 
0.66 

0.15 
0.37 
0.48 
0.59 
0.70 
0.81 
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distribution coefficient and low toxicity. A solvent boiling below water might be 

considcrcd. Although this would rcquire a different process scenario than the one 

used in this study for a high-boiling solvcat, it might offcr advantages over the 

high-boiling rccovery process. In the selection of a new solvent, attention should 

be paid to the following potential pioblcms: (1) separation of high-boiling acids, 

if any arc present and at a sufficicratly low pH to be extractable, might be: difficult; 

(2) if the solubility of water in the solvent is much higher than the 20 ppm that 

was assumcd, problems with azeotropes in the recovery still train involving acetone, 

butanol, and ethanol could arise; and (3) if the solubility of solvent in water is 

much higkcr than the 20 ppm that was assumed, additional investment would be 

required to recover and/or dispose of solvent in the waste Parfinate. 

5. Integrate the ferriieiitation unit with the extraction unit and dcmonstrate 

ope1 ability without cell retention or recycle, then with cell buildup, and finally with 

raffinate recycle to assess possible adverse effects from the buildup of unextractcd 

products or toxins. 

Consider the concurrent dcvelopmcnt of a genetically revised organism that 

produces only butanol as its solvent slats. and/or has an enhanced specific 

productivity. 

Continuc the comparative evaluation of the economics of both processes as new 

information i s  obtained from the research program. In the event a clear 

preference for the in situ process emerges, adapt the experimental program to  the 

direct feed of solvent to thc fermenter and dcrnonstrate the in situ proccss. 

6. 

7. 

Based on the economic analyses, it appears that the cxtractive fcrincntation 

system could substantially reduce the cost of butanol and other similar high-boiling 

fermentation products that are now produced at low product concentrations as a result 

of product inhibition. Such an economic breakthrough cannot be realized until the 
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system has been fully demonstrated in a continuous process over an extended period at 

pilot scale, optimized according to the findings of this study, and scaled up for the 

specific fermentation process of interest. 

However, there appears to  be no inherent design limitation in effccting the 

engineering improvements required in the prmcss operation. 

Such may not be the case in attempting to develop an organism with an 

improved stoichiometry and/or specific productivity. The goal is sufficiently important, 

howcver, to warrant the laboratory effort. 

Cxrtainly, these improvements would represent major breakthroughs in not only 

the butanol process, but, generically, in any fcrmentalion process that surfers from 

product inhibition (which is most of them), particularly where the product boils highcr 

than water. 
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APPENDIX A. BASECASE STOICHIOMETRY 
WITH 151 RAFFINATEKELLS RECYCLE 

WITH RECOVERY OF RAFFINATE CHEMICALS 





-1- 2 3-FaD-S 3 

NULTISTAGE E X T R A C T I V E  FERMENTATION CF BUTANOL 
W I T H  R E C O V E R Y  OF R A F F I N A T E  

EI-ASECASE S T O I C H I O M E f R Y  
s w M a R Y  ------- 

PRODUCTION LEVEL 
IS1 MM PPY 

-------_--------- 
INVESTMENT- si-~ ILL r Cr: 

MFC = 1334 
__________I_________--------- 

f a t a l  Investment 

COST-$ /LB  193s ) 

Cast  o f  Manu faz tu rs  
S E ,  0 ,  R&D, litdm, 8 1 ° C .  
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I 1  "ULTISTAGE EX?Rlq&TI'v'E FERMENTATION OF Bt lTANOL 
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M U L T I S T A G E  E X T R A C T I V E  F E R M E N T A T I O N  OF BUTANOL 
GITH RECOVERY OF R A F F I N A T E  

RASECASE S T O I C H I O M E T R Y  
_____I_____-----c------- 

P A m  DATA 
_-__-__--- 

SChLE CiF CPERFtTICN 
161.32 MM PPY 
179.25 MM PFY 

98 x 
163.2E MM PPY 
151.40 MM FPY 

95.01 x 
4.29 ! b / ! b  

7 4 . 1 2  MOL. ?IT 
PRODUCT S T O  I C H  ICMETRV 

ANNUAL PRCEUCTlON LEVEL 
ANNUAL C A P A C I T Y  
O P E R A T I N G  LIT ILITY 
P R C W C T  IN SEER 
PRCCLlCT IN BEER A T  C A P A C I T Y  

GL:JCOSE DEMAND/PROO < E X C L .  S P I L L  > 
MOLAR YIELD-SLUC. TO PROD. rrd SEER ( E  

PRODUCT MOLECULAR WEIGHT 

C CM P 0 NE N T 
-GLUCOSE CONSL1MEt) 
-OXYGEN CONSUMED 
-AMM3N1A CONSL!MED 
-COMPONENT tt 1 FCrRMED 
-COMPCNENT $ 2  FORMED 
-COPIPONENT $ 3  FORMED 
-2OMPONENT $4 FORMED 
-COPlPONENT $5 FORMED 
-COMPONENT $E FORMED 
-COMPONENT #'? F O R K E D  
-ZOMFOI.!ENT if8 FC)RME# 
-CGMPO,F?ENT #3 FORMED 

I ETHANOL i 

< BUTANOL 
( A C E T I C  ACIU) 

-COMPONENT # l o  FORMER (BUTYRIC: A C I D  
-WATER FORMEG 

-COMPONENT # 12 FORMED 
-C#MPONENT #! 3 FORMED 
-COMPONENT $14 FORMED 
-COMPQNENT #15 FORMED 
-COMPONENT # l S  FORMEU" 
-COMPONENT ?t 17 FORMED 
-CGpZFONEI\JT $18 FORMED 
-COMPONENT # 19 FORMED 
-COMPONENT 820 FORMED 
-CARBON DIOXIDE FORFlED 
-H Y 0 R (1 5 EN F O R NE D 

- c O M P w E r u  8 1 1 FOWED 
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M L l i f  I S T M E  E X T R A C T I V E  F E R M E N T A T I O N  OF SUTANOL 
WITH RECOVERY OF RAFFINATE 

BASECASE S T O I C H I O M E T R Y  
___---___-_-_--_-------- 

BAS I C  EP,TA 

E n t e r  an Investment C o n t i n g e n c y  t o  Rapresent 
3g x the R i s k  Levtl.1 o f  t h e  Basic D a t n  

E x TRACT I C N 
Solvent O l e y l  Alcohol CH3! CH? )7C;H=CH( CHZ )7CH2(1H 
So lven t  Malecular fk'eight ZEE.5 
r m  ;lurvent 1 R a t i g ,  r t?.m I t / l b  water i n  feed 
Mutual Solutilities 

Water in Saivent, w GZ).~C3Q01?8 lS/!t; m l v e n t  
S a l v e f i t  i n  JJa te r ,  5 U.OQQQZ01 lh/!b ~ a t ~ r  
! Its )!( l f w )  1.018080 
Samma -t3.73008 

Water i n  Solvent  Feed, m Q.c)80800 l b . / l b  solvent 
Sol;,ent i n  Aqiieau; Feed C3.088613 l b / l b  water i n  feed  
Raff:nate Recycle 15.0 15 raffinate wats ; / lS  water  

i n  ferrcisnter feed 
L 5u .- 1 Vei? t /kS t 6 r  ealances 

E x t r a c t  - L.-. ;"i vent G1.3008&? ! b / l b  water i n  feed 
- klater- O.QQOC?! I b / l b  wate r  i n  fesd 

R a f f i r r a t e  - Water 0.39399 I b / l t ;  water in Feed 
- foivsnt 0.80382 !ti/lS wate r  in feed 

S a l u t e  D i s t r i b u t i o n  
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3 23-Feh-ElE3 

I?. 301889 
0 .00L3GI1 
0.38081 

0.138882 
1 .00000 
1 .08002 
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1 * 00000 
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LOOK-UP TABLE: YIELD TO EXTRACT 
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0.7893 

c+ -.- i .*ay85 
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3 
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s 
7 
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1c) 
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7 L 

?PI L W  

8 . 2 5  
3 * 5;! 
4 . ? X  
4 .  SR 
4 9 3% 
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4.8X 
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4.8;; 
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4 ., 8 x 
4 . 3 %  
4.8X 

4.8% 
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4.92 
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A Go/ 
7 *urn 

A 0 V 
7 .  V I *  

S/F 
0.301 

5.4% 
5. ? X  
5,SX 
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5. 9;; 
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5 0 8% 
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APPENDIX E IN SITU EXTRACTION 
NO RECOVERY OF RAFFINATE RECYCLE 
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NO R E C O V E R Y  OF RAFFINICITE CHEMICAl..S 

8hSEC:AC.E S r O I C H I O M E T R Y  
C; U M M ti P V 
c------ 

i V E S T MEN T - $ M I L L I 0 N 
MPlI, := 1384 

___-_-__-__----_--_---------- 
Direct Pernansnt Investment 
A l l o c a t e d  P o t ~ e r  , S e r v i c e 6  6 Genera! 
Mor I.. i ng Cap I t a 1 

T o t a l  Investment 

C ~ 4 t  o f  M a n u f a c t u r e  
SE, D ,  R&D, fldm, & I.C. 

Selling P r i c e  
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14-Mar -89 

U N I  TI; 

!;;"IFr3CIT'! @ 8@@0 WRS M M  PPY 181.3 
M I ' 3 - P O I N T  OF CONSi-RUC i ION YEAR 1384 
CONS?~R!!CT ION C O S T  INDEX 1YS0=100 1.2 8 
I N V E S T M E 111 T C 0 N T I i'J G E N C Y :; I N S I F ~ L L E ~ I  * 3ax 
FERMENTER U N I T  INUESTPIENT $/'GM.GAL.-GHUWTW 5512.134 

$/GH. G A L .  -TROD PI 5 1 8 . 3 4  
+40Z Recommended f o r  'new p r o c e s s e s  

F E R M E N T f l T  I Otil SECT 1 O N  
Receiving, P r e p  B 5terili:dtion 0 . 6 0  

F e r  vie n t a t  1 or) 
Product.,'Cel 1 s , p a r a t . i o n  0 . 7 5  

A 1 r  Compress1o f i  B Plet-at lot1 0 . 6 8  
0.83 - 1 . O O  

Fe r-ne n t a t 1 o n  SLC b - t c. t a 1 

D I S T I L L A T I O N  SECTION 
Eeer Still #1 
Beer Still #2 
Law-Boilers Still si1 
Low-Bailers Still #2 
iow-Boilers Still # 3  
High-Boiler 5 Still 81  

S T ILLS 
$ 0 . 3 1  

0 . 1 3  
0 . 2 0  
0 . 3 6  
0 . 0 Q  
0 . 6 7  

T H I S  Ch5E 
$MM $:'ANN. LE3 . 

$14 .05 

1.i) ' s 
$ 0 . 9 0  $1 .:I 

0 . 2 4  0 . 4 5  
0 . 1 4  Q . 3 4  
0 . 1 0  0.46 
0 . 8 0  0 . 0 0  
0 . 2 6  0 . 9 3  

Dist 11 lat, i o n  Sutjtot a1 

S T O R A G E  S E C T I O N  
S t o r a g e  - Product 
Storatgje - R y p r o d u , z t  81 

$ 3 . 5 7  

$ 3 . 4 8  
$ 0 . 7 4  

Storage Suhtotal 

T O T A L  D I R E C T  PLANT 

$ 0 . 0 2 1  
B .00D 
8 .051  
0 . 0 0 5  

$0 .078  

$0 .807  
0 .002  
0 . 0 0 2  
0 . 0 0 3  
0 . 0 0 0  
0 . 0 8 5  

$0 .019  

- - - .- - - 

$0.019 
0 . 0 0 4  

$4.22 

$21 - 6 5  

$Q. 023 

$0 .120  
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ISEXT1.Wl rS -1- 14-Mar-89 

SINGLE-STAGE INSITL I  EXTRACTIVE FERMENTAT IGN OF BIJTANOL 
NO RECOVERY OF RHFFINATE CHEMICALS 

FjASECASE STOICHIOMETRY 

TOTAL PERMANENT INVESTMEN 1 S31 .16  $8 .172 

Not..: R = materials; M or CON = c o s t  o f  m a n u f a c t u r e ;  
COS -= c o s t  a f  s a l e s ;  SP = s e l l i n g  p r i c e ;  C1 d e p r e c i a t i o n .  
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14 -Mar--t?S 
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I S E X T l  .WKS -1- 14-Mar -89  

SALARIES 5. WFIGES 

I3 IREC r OPERATORS 
_-- - --I- 

SYRIJF PECEIVING & TRANSFER 
CHEMICALS RECElUING & TRANSFER 
INNOCIJLUM PREPARATION 
MEDICJPl PREPARATION 
S T E R I L I Z A T I O N  
F t  RMENTAT ION 

-rrxdi~oi- RODM 
-mi ROL 
- A I R  COMPRE5SION L AMMONIA FEED 
- 1 URNhROItND 

BEER FI l -TER & CELL RECYCLE 
I3 I S  T I LL A f I 

250 MM FFY 

SHIFT SHIFTS 
0 HY R O TAT. I N G 

----- ----I 

TOTHL DHY II 4 . 2 - S H I F l  OPS S I. 4 
T 0 1-14 L 0 PER AT OR S 6 4  

i:XNTROL LAEOFA r O R Y  
------- 

1 
1 

- E I OL rI)G I C AL A NAL Y S I 5 
CHEMLCAL.  ANALYSIS - 
OTHER - - 

I__-_ _-_- -  
TOTAL U A Y  & 4 . 2 - S H I F T  TECHS 0 8 
w /  SCJPERVJ STON @ 20% 0.M J.@- 1 

TOThL LAE FORCE 1 0 . 1  

WAGES, SALARIES & BENEFITS SCHEDULE-- 1 985 
.. __ - - - - - - - - - - - - - - - ._ _. - - - - - - - _. ._ - - - .- - - -. - - - - - I - 

OPEF!HT:LN!3 WAGES - % / H O U R  $ 2 0 . 1 4  
TECHM'ICIANS - ANNI.IAl.. $ $30 508  
PROCESS ENGINEERC, I- ANNIJAL $ $ 3 5 , 0 0 0  

PmSLc i r , i  .- A S  x OF COMPENSATION 
FICA 
UNEMPLOYMENT COMPENSATION 
GROUP L I F E  INSURANCE 
MECIICAL. IMSlJElilNCE 
UENTfil.. I NSIJEANCE 
SA!IINGS PLAN 
VhCh T 1 ON 
ILLNESS 
ABSENCE WITH P E R M I S S I O N  

MIN.  FORCE 

SHIFT  5HIFTS 
DAY ROTFITING 

----I -------- 

1 
1 

- 

- - 
-.I--- 

0 8 
0.m 1 0 . 1  
10. 1 

1 

- TOTHL BENEFITS 3 1 " 1 w 
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I S E X T 1 . W K S  -1- 

S I N G L E - S T A G E  I N S I T U  EXTRACTIVE FERMENl ATTON SF BUTANOL. 
N O  FtECOVERY OF RAFFINATE CHEMICAL S 

EASECASE 5TOICWIOMETEY 
_ _  

19138 C O S T  SHEET 
_ _ _ -  

Raw l l c l t e r i a l s  
- R i a s u g a r  Syrup  
-r?nhyrl. A m r i o n  1 a 

P h o s p h o r i c  A z i d  
- F o t a 5 5 1 u PI C h 1 o r  1 de 
-M i ri or N 1.1 t r 1 e 1.1 t s 

r a t a 1  Raw P l a t e r l a l s  
UI. i 1 1 t 1 e5 

- E l e c t r i c i t y  
-Steam 
--Coo 1 I ng Wa t e r  
- P i - u c e s s  Water 
--t?iadagr-ai jat ion 
-.Landf 11 1 

T o t a l  Utilities 
Lahor - - - i ?e i  a t e c j  

~ - r i l t - .  o p .  Wages 8  en. 

- 0 p .  Supplies & Serv1c.E: 
- G P O H  on  O p e r a t  I o r i s  
- C o n t r o l  Lab 
- 1 e c t i .  P15515t .  t G  Mfg.  

- [ 1 1 1 - .  Scilai-les & Men. 

T o t a l  Labor- 
Cap I t a 1 -Re 1 ; i t e d  

-Mairit. Wages i? Ben. 
- - M a i r i l .  S a l a r i e s  & Ben. 
- -P la in t  ,, Mat.' 1 8 S e r v i c e  
--Mairit . Overhead 
-GPT;ti g1-1 M a i n t e r r ~ n c e  

I d.. tz.5 S T n s ~ i i - a n c e  
- O e p r e c i a t i o n  - D P I  
-Depr-eciat  lor1 ... hF5F;G 

- 7' - 

-r 0 t a I. 1 t a 1 

- - 
M I LL I ON 

EP~TE /UNIT ?IN I T S $ M T I. i_ I 13 N 

$ 0 . 0 6 5  /!ti.  d . s .  '752.65 
$0.04€ i l b .  1 . 8 3  
$0.155 /lh. 1 . 5 2  
$0.053 / l b .  1 . 1 6  
$0.451. i l b .  0.53 

$0.040 /KWH 1 4 . 9 5  
$ 2 . 7 0  / P I  l b .  0. E906 
$0.Q4 ,'M q a l .  2.62 
0 0 . 5 2  / M  g a l .  U . O 1  
$ 0 . 0 4  i l b .  d . s .  122 .70  
$0.05 i l b .  d . s .  0 .  00 

30.0 2 lIFR 
$ 0 . 2 7  /lh. 

0.117 

0. 02G3 
u .  00, 

$ 2 1  .6 

$ 2 1 . 6  
$ 2 1  . f i  
$9.5 

$20. 0 
1 6 3 .  0 
$88.0  
$ S o  . Q 
$14.1 

s47.m 
35.0, 

4 a .  92 
0 . 0 8  
0.24 
0.06 
0.24 

0 4 9 . 5 3  

0 . 6 0  
1 . 9 6  
0.18 
0.01 
4 . 4 1  
0 . 0 0  
$7.58 

3.09 
0 . 5 6  
0 .  13 
0.14 
0.3Y 
0.04 

$5.16 

0 . 3 7  
0.e9 
0 . 1 5  
0.01 
0 .  11 
0.06 
1 . ' I  I; 
8 . 5 7  
$3.10 

$€5.2,2 
z . 4 n  
1.63 
3.60 
1 .EB 
0 . 5 5  

S'75.40 
14.09 

- - - .. .. 

.. .- .. .. .- 

$ /  l t l .  
_ _ _  

d .  300 
0 a @ i  
0.iae1 
. QJ00 

0.001 
$U. 3@4 

0.004 
0.01:' 
B.iacD1 
. 0 0 0 

0 . 0 3 0  
0. 800 
$0. 84;' 

0 .019  
B.00 :  
8.0U1 
0 .  QOL, 
$9" k30r 
.0Q0 

%0.@51 

d . 002 
Q.0631 
0 . 8 0 1  

. 080 
Q.001 

I o0c3 
0.011 
# . 00a 
$0.013 

0.015 
0.0lGl 
0 . 8 2 2  
O . O l r ( i  
0 . 0 0 5  

$0.461 
0 . 0 8 6  
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FERMENTERS 
50 ,574  

15 
6 9 , 9 9 9  

100,  000 
0.7 

PRODUCT SEPARATION 

PRODUCT RECOVERY 6 

PEODlJC T I ION 
.?A i? 

s .5 
-- 

25s.5 q / l  * *  
1 3 . 0  
2 2 . 4 -  q : l  

8 . 0.78 1 / t1r 

5 . 3 3  g / l + h r  
0 . 0 0  q / l * h i -  

0 mM/l*hr 
0 m M / m M  

G . l  0 ,  I. 
5 c  
19 l ca l /gmc? l  
24 Btu/hr*gal 

4 5 6 , 5 2 3  gal I o n 5  
15 % g r o s s  

759,655 gallons 
250,000 gallons 

3.0 units 

400 g , ' l  
8 . 0 5 3  y a l / m i n * s f  
4.5138 s q  f t  

PUR I F  I C A T I  ON 
92.8%( w t  ) %  

- T E M P E R FI T U R E 
--pt i  
-PPODUCT CONCENTPATION I N  BEER 

t B e f c r e  E... t i-c7(:1 1 o n  
* A  f t er- e:. t r -  ai; *, I ai-1 

-CEI-L DENS1 TY CHO c7Nl.Y ) 

-PRODUCT PRODUCl IUI T Y  
-CELL- PRODUCTIVITY ! CHO O N L Y  ) 
--OXYGEN TRANSFERRED 
-OXYGEN FED / OXYGEN ST0ICt-I. DEMAND 
-GLUCOSE SP I L 1. 
-COOLINS i,JHTEP TEMPERATURE 
-HEAT EClOL VECI--PROLllJCT FORMAT I: O N  
- - H E N  REMOVED BY COOLING COILS 

-DILUTION F:A'rE 

-RCTIUE VOLUME PEQUIRED 
-HEADSPACE 
-GROSS VOLUME ( i n c l .  1'5% s p a r e s  and 

-NUMBER OF I J N I I S  1 0 g ( g / l  ) 
a ,  0000 
0 .4771 

-CELL CONC. ( C l ! O  ) 1 .e000 
- F I L T E R  THROUGHPU 1 . 4 7 7 1  
--FILTER S I Z E  2.0000 

2.4771 
ERR 

GROSS S I Z E  

- Y I E L D  A C R O S S  REFINING 

MATERIALS OF CONSTRUCT ION 
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ISEXT1.WKS .- 1 - 1 4 - M a r - 8 9  

D I S T I I - L f i T  ION DATA MATRIX 
LOWER #OIL - - _. I - - - .- - - - - - - - - - - - - - - - 

DEFAULT IMPURITY IMPURITY PRODUCT 
ITEM COMPONENT uaLcz # I  #2 #3  

- - - - - - I - - I I - - - - - I .- - ._ - - - I - - - - 
1 NAME NONE NONE ACETONE 
2 PRIORITY A S  REFINEL? PROOlJCT LIST 1 - 4  2 

4 NORMAL. BOILING P'r,  c 56.5 
5 LOSS/C@LUMN, UT % 0.50 
G [LEVEL A S  IMPURITY, w.rx n.26 
7 VAP PRESS TEMP, C 900 -9.4 
R VFtPOR PRESS, mm H g  t3Q0000 40 .3 
9 H T  VAPORIZATION, Btu/lb 215.0 

10 SENSIBLE HT (LIQ), Htu/(lb) 0.50 
11 MAX THERMAL STNBTLITY, C i i ,l 

1 2  LN( ACTIVITY COEFFICIENTS ) 
13 -K@MP. w1 in: * 
14 --C@MP. # ; Z  i n :  * 
15 -COHP. # 3  in: * 
1 G  -COMP. #4 i n :  * 
1 7 -COMP. #5 i n :  * 0.400 
19 -COMP. #G in: * 
19 -COMP. 87 in: * 8.488 
2 0  - -COMP.  Ifr? i n :  * @ .  7013 

7 7  c. c -.COMF. # l @  i n :  r 0 . 6 5 0  
7 7  i d  - SOCVEN r i n : * I . .  103 

-COHP.  # 1 1  i n :  2; 4 * 
25 -COMP. #l;i i n :  * 
26 - C O M P .  #13 i n :  (c 

-COMP. t t l4  i n :  
28 -CC)MP. # l 5  i n :  * 
7'3 ---COYlP. 815 i n :  * 
3 izI --COMP . 81'7 i n  : * 

---COPIF. 818 i n :  "1 1 * 
-7 d L  '1 -CI)MP. # I n  in: * 
3 3 -C@MP. 820   TI: * 

-. > 

77r 

2 1  -COMP. # 9  t l i :  * 

-> 

-8 -7 4.. I * 

- 
-.. 
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I S E X  1 1 . IJKS 14-Mal--39 -7- 

c- ITEM COMPONENT # 4 
.. 

0.408 
0.708 

258 



.:7 ..I -- 

1E3.5 213.5 
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ISEXT 1. WKS -1 - 1 3  -Mar - 8 9  

t 95 , 0 9 0  PPDDUCT k ONMtD 

0 -LOMPONFNT 4 1  
8 -COMPONENT #,' 

6 1 , 1 2 3  -COMFONFNT $3  
fl COMPUNFNT 84  

2@, 1213 -COMPONENT #5 
0 COMPUNCNT #E 

135, Q961 -COMPONEN r #?  
39,488 --CoMPONFNT 88 

B -COMPONENT #9 
1 5 , 6 5 1  -COMPONENT $le! 
16,6 1,' - M A 7  ER 

0 -COMPONENT #11 
0 -COMPONENT #12 
8 -COMPONENT $13 
0 -COMPONENT # 1 4  
Q) -COMPONENT # ] " I  

0 -COMPONENT 816 
0 -COMPONENT 417 
0 -COMPONENT #18 
0 -COMPONENT $19 
Q) -COMPONENT #?O 

FOPMEP W I T  t i  PPODlJCl 

11.854 -H\DPOGEN 
4 3 4 , 4 3 4  -CAFBfiN DIOXIDE 

CONSUMED FOR PRODUCT 
7 9 4 , 3 8 0  --GLUCOSE 

G1 --PIMMONIA 
0 -OXYGEN 

20,9615 CELLS PRODUCED - CHO 
1 , 9 1 1  CELLS PRODUCED - NH2 

FORMED WITH CEL-I.5 
12,536 --WATER-CWO 

1 , 8 7 5  -WATER-NHZ 
1 3 , 6 1 1  -WATER-TOTAL 
3 0 , 6 4 3  -CAREON RIOXIDE-CHO 

4 1 , 8 0 9  -GLUCOSE-CHO 
2,6131 - A M M O N I A - N H Z  

2 2 , 2 8 6  -OXYGEN- C H O  
956  -OXYGEN-NH2 

23?242 -OXYGEN-IOTAL 

CONSUMED FOR CELLS 

116,208 OXYGEN FED-GROWTH 
3i34.836 NITROGEN FED-GROWTH 

9 2 , 3 6 7  OXYGEN VENT-GROWTH 

3 0 , 6 4 3  CARBON DIOXIDE VENT-GROWTH 
15,580 WATER VENT GROWTH 

384,836 NITROGEN VENT-GROWTH 
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-1-  14 -Mar--i39 

TOTAL.  I N  

109,085 
8 3 6 , 2 9 3  
64,539 
1 :, 6 I 1 
16,Eit;l 

1 .040,  131 

TOTPlL O U T  1,04D,1.31 
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14-Mar-89 .I 1 ._ I S E X 1 1  .WKS 

S I hlG L E - S TH G E I N S I TU EX T R A C T I ! I  E FER lil E N T ri T 1 i? N (2 F B 11 T f.'1 N O!. 
rJ0 RECWJERY liF EAFFINhTE CHEMTCAL:; 

P ii SE c AS E s T O  I c t1 I OriE r R Y 
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10 
i'l I R 

1 0  FEPM 
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ISEXTl .WKS -3- 1 4-Mar .- 8 9 

S 1  PEi iM 
~ 

11 12 

f E E D  # l  
C G MR I NE @ REER 

- _------ _ _  I 
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I S E H 1 .  WKs -4- 1 4 -Ma t r  -- 8 9 

SINGLE-STAGE T N S I  TU E X T R A C T I V E  FERMENTATION OF E!U1 ANOL~ 
NO RECi)VEI?Y OF RAFFINATE ZHEMXCf i lS 

c, c J L L ~ C ; E  r- -' S l O I C W I O M E T K Y  

Mf lTERIAL RH1.ANCE FLOCJSHEET 

TtiOUSAPdCl ANNUAL FOUNDS (530 C117YS Cd C H F f i C T T Y  

................................. 

........................................... 

16 17 18 
CCjMBlNEU SOLVENT RHFFINt3TE 



'1 7 L L  

( " I R ~ N D  To'r  AI.- 985,5?5 3,527,746 3 , 7 4 5 , 8 7 9  472,658 7 , 2 9 6 , 3 6  1 

9 4  220 TF.MPERATIJRF, C 53 5 3 

PRESSURE, PSIR 14.7  1 4 , 7  1 2 . 1  12.9  
'STATE 5 0 L. ' N SOL ' N SOL ' N SOL ' N SOL ' N 

CHECK mi T O T A L  
- _  -1 -. -- 
- _. 
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14--Mar -e9 Istxri.uKs -6- 

S TNGL.E-STAGE I N S I T U  EXTRACTT'JE FEHMENTATION OF PIJ'rAl?li)L 

S T RE A M  
- .- - - - - - - - ._ - - ._ - - 

CELLS -CHO 
-Nti? 

-TOTAL 
COMPONENT # 1 
COMPONENT # ; Z  

2 COMPONENT #3  
C 0 IY P 13 NE Id 7 # 4 
COMPONENT' #5 
COMPONENT #6 

1 CGMPONENT #'7 
COMPONENT #F; 

COMPONENT 8'3 
COMPONENT #10 
COMPONENT #11 
COMPONENT # I  2 
CGMPGNEN 1' # 13 
COMPONENT #14  
COMPIJNENT 81s 
COMPONENT 8 16 
COMPONENT #17 
COMPONENT 818 
COMPONENT #19 
COMPONENT #20 
(1; LLJC 05E 
RMMONIA 
PHOSPHORIC ACID 
PGT A S S I UM CHI._ OR I D  E 
MINOR NIJTRIENIS 
WATER 
SOL ?I EN T 
Cf iRBON DIOXIDE 
OXYGEN 
N I TROGEN 
HYDROGEN 

GRAND TOTf iL  

TEMPERATURE, C 
PRESSURE, FSIR 
STATE 

-ri I 6 hi.. s 

.- .- . .. - - - - - - - - - - ._ - 

CHECK ON TOTAL 

26 
BEEF #,' 

MNKF 
- .- - - - - 

0 
8 
v) 

0 
0 
0 

3 9 , 4 4 9  
0 

8 , '7 5 7 
0 

18,?,rJ?l 
36 4 

0 
3€ 4 

0 
0 
0 
8 
0 
01 
0 
0 
0 
0 
0 
a 
0 
0 
0 

65  
3 6 4  

0 
0 
0 
0 

231,385 

155 
8 9 . 3  

SOL ' N 

------_ 

7 7  
L I  

BEER #;Z 
1 A l L S  

- - - - - - - 

0 
e 
(3 
B 
8 
0 
0 
v1 
0 
0 

1 8 , 2 0 2  
36 

B 
35 
0 
0 
0 
0 
0 
0 
0 
a 
0 
0 
0 
0 
0 
0 
0 
0 

199 ,859  
0 
0 
0 
0 

2 1 8 , 1 3 4  

220 
9 0 . 2  

SOL ' N 

- - - I - - __ 

' 8  29 
LE5 # I  LE5 $ 1  

MAkE TA1L.S 
- - - - - - - - - __ - - - 

0 8 
0 0 
0 0 
0 G1 
0 0 
0 0 

3 9 , 0 8 7  3 6 2  
0 0 

8 , 3 9 4  3 6 2  
0 e 

910 181 ,111  
0 36 4 
0 0 
0 36 4 
0 0 
0 61 
0 Q 
0 e 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 0 
0 ti5 
0 364 
0 0 
0 0 
0 0 
0 0 

48 ,392  18?, 993 
------- I----_- 

117 170 
8 4 . 6  86.7  

SOL 1 rd S O L ' N  

38 
L E S  # ?  

MAC:€ 
- _ _  

0 
e 
0 
1.1 
e 
0 

38,892 
0 
73 

0 
0 
(1, 

0 
8 
0 
u 
0 
0 
0 
0 
0 
0 
0 
0 
0 
8 
0 
0 
0 
0 
0 
0 
0 
0 
0 

38 ,969  

100 
5 8 . 2  

SOL ' N 
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0 
G1 
0 
a 
0 
0 

135 
0 

8,317 
0 

1 , 8 2 5  
1 6 , 7 3 1  

e 
6 , 4 1 3  

0 
0 
0 
0 
0 
0 
a, 
0 
0 
0 
e 
0 
0 
0 
0 
0 

13 
0 
0 
0 
0 

k7 
iil 
0 
VI 
0 
8 
0 
0 
0 
0 
a 
e 
Q) 
0 
0 
0 
G1 
0 
e 
0 
0 
0 
0 
0 
e, 
0 
0 
0 
0 
0 

377 
0 
e, 
0 
0 

33 4 9 3  , 

40 
14 .7  

SOL N 

377 
377 

28 
1 4 . 7  

1- I (ju I 0 

40 
M A  t' E- I! P 

M A  i F P  _ _  .. _ _  
0 
0 
0 
0 
e 
0 
63 
OI 
0 
0 
0 
0 
e 
0 
0 
0 
e 
0) 
0 
0 
0 
0 
0 
a, 
0 
8 
0 
0 
0 

109,085 
0 
0 
0 
0 
0 

10'3,085 
- _ _  - I - - I 

20 
14.7 

I.. I Q u I D 
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TH 0 US Ci NU 

STPEFiM 
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D I S T I L L A T I O N  Cf lLCULATIONS 

2: z 3  2 4  1. s '7 

BEER #1 REER #1 BEEF? 81 
T A  11-5 E X T R A C T  F E E 0  M Ab\ E 

D I ST 1 LL A T  I O N  C ALCUL H T I OMS 

E X T R A C T  

2 1 6 . 5  
2 . '7 

2 "  3 1 4  
2 . 0 1 4  

53.r iSE 
4 4 .  Y99 

12 I 7 2 '!! 
Q "  173 

1 2 , 5 5 4  
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$66.9 
$; '7 3 " F; 
$188.0 
Il l i3.8 
$i45.8 

1 , 5 4 cn 

$56.9 
$79 I '7 
$85.4 

$111 .8  

BARE EQIJIPMEIU 
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M LE?.  M@LES/YEAR 
~ _ _ _ _  

M Lt i .  MOL E S I Y E A R  

COIYPONENT it 1 
COMPnPJENT #2 

COMPONFNT #4 
CI?MPIIN$ NT #5 
COMPONENT #6 
COMFONENT 47 
COMPONENT #8 

COMPI-INENT # 10 
COMPONEN l' #I 1 
COMPONENT & 12 
ZOFlPONENT # 13 
COMPONTNT 814 
COMFONENT 815 
COMPONENT &16 
COMPONENT #1? 
COMPONENT # 1 R 
COMPONENT It1 9 
COMPONENT #20 
WATER 
SOLVENT 

--- - _  - _ _ _  

COMPONEN r $3  

CoriFuNEru $9 

T O T A L  ( q  1 

( S t o r a g e )  

( S t o r a g e  ) 
VAPOR PRESS 4 Q (  q j 

VhPOR PRES? l 2 0 ( q )  
B i q  ) V . P .  CONSTANT 
A i q )  U . P .  CONSTANT 
TEMPERATURE C 
PRESSURE mmHg 

V . F . ( K l )  
v.P.(c::) 

GAMMA-K1 I N  b:2 
GAMMA-K2 I N  K 1  
ALPHA 
PlUG COLIJMN ALPHA 
MOL F R A C l  . H1 (MAKE OR T A I L S )  
MOL FRACT. Kl (FEED ) 

26 
BEER #Z 

ri A b: E 

0 
B 

679 
0 

1 Yvli 
0 

2 , 4 5 6  
6 
0 
4 
0 
0 
0 
0 
e 
0 

e 
0 
0 
4 
1 

a 

2 -/ 
R E E M  t 2  

l R l t  5 
- .- - - I I 

QJ 
0 
I? 
0 

8 
Q 

245 
1 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

744 

3 1540 93 1 B E 8  2 , 4 7 3  

348 
1 0 4 . 1  
6 ,  189 

1 8 5 2 . 3  
-4427 .0  

1 8 . 7 8 9  
1 5 3 . 7  
4 , 5 0 5  

5 
4 . 7  
206 

220 .2  
S915 .7  - 
20 .447  

2 2 0 . 0  
4 665  

299  
3 4 4 . 2  
4 081 

4704.6  
-4021 . 0  
18 .  €88  

l l G . 8  
4 , 3 2 3  

49  
1 3 . 9  

2 I 108 
8 5 2 . 4  

-5779 .9  
21.455 

1 7 0 . 6  
4 , 4 8 3  

7 7 6 , 5 , 4 , 3  6 , 5 , 4 , 3  
SOLVENT SOLVENT 7 7 

2 7 8 7 . 3  
79.13 

2 . 0 1 4  
2 . 0 1 4  

1 6 . 8 7 0  
2 1 . 4 3 5  

0 . 9 9 3  
0 .784  

17164 .0  3LG0.4 15156 .9  
939 .4  739  I 2  4492 .5  
2 . 0 1 4  1 . I 5 0  1 . 3 5 0  
2 .014  1 . 3 5 0  1 .350  

26 .000  3 . 2 9 0  4 . 5 4 5  
3 . 9 1 8  

0.2413 0 . 9 3 7  0 . 0 0 3  
0 .072  
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-CARBON STEEL 
-3@4 5TA INLESS STEEL 
-31Ci 5TAINLE55 STEEL.. 
- M 0 NE L 

s 118 'r n'i-n~. 
SUUiil IWL 
SUB TOT AI. 

M I N I M U M  REFLUX RArIil 
C n  S!JUTOTAL. $1 
Cn SUBTOTAL $2  
Cn SUBTOTAL # 3  

Hv SUBTOTAL.. til 
HY SUBTOTAL #2 
Elv SIJRTOTAL 8 3  

MIN. P L A T E S (  NOfiMAL ) 

COL I) COST-(:/ S NIIRMAL 
COL e C O S T - S / S  NORMAL. 
MIN REFLUX ( NORMAL- ) 

HEHT L O A D (  NORMAL ) 

c n  CHECK 

Hv C H E C K  

13 I S .  A R E A (  N O R M A L  ! 
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I? LE. MOLES/YEAR 

C!3MPONEI\IT It 1 
COMPONENT tkZ 

COMPONENT # 4  
COMPONENT #5 
COMPONENT # 6  

c o ri P o N E rd T 3 

i; i3 M F o r4 E rd T # 7 
C 0 M P 10 NE P.1 T # S 
C:OFiPL?NEN'T $5 
COMP0NEN.T 818 
COMPONENT & l  1 
COMPONENT B i z  
COrIPONENT +& 13 
COMPONENT # 14  
COMPONENT & 15 
COMPONENT # 16 
COMFC1NE:NT ?$ 17 
1WMPONENT # 18 
CUMFUNENT 8 19 
!1: iSMP 0 NE.NT 8 2 0 
W A '1 E R 
5 0 I. !I EN T 

B G3 
.8 .@ 
17 0 
.Q .0 

G1.8 0 . 63 
- 4 . 6 0 5  - 4  .GO5 

EPE 1 L' 0 . i? 
( 160 )  B 
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DTCTILLWTIQN CAL.C!JL.ATIONS 
- --..- .. 

1 4 - M a r  -8'3 
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C n N i C A L  C O S T <  NORMAI. ) 

__________-_.__ -- 

-9- 

D I S T I L L A T I O N  CALCULATIONS 

30 31 32 33 
LBS # 2  LBS #2 Lf3S #3 L.B5 it3 

M A K E  T A I L S  MAKE T A I L S  
----___ I-.----_- - ---- -- 

14-Mar-89 
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M L E .  twLE,:,i\tEaB 
. . - - - - . . ... . . .. .. .. - - - - 

COMPC)NENT # 1 
COMP!INENT Cy2 
COMPONLNT # 3  
1COMFONEN r $4  
COMFONENT 45 
COMPONENT #6 
COMPONENT #7 
COMPONENT #8 
COMPONENT $9 
COiYPWFNT 810 
iCOMPONENT #1 1 
COMPCINFbIT i-t 1: 
COMPONEN 1. # 13 
COMPijrJENT It 1 4  
COEPONENT # 15 
COMPONENT # 16 
COMPONEN 1- # 17 
COMPONENT # 18 
CCJMPCINENT U 19 
r, OM P 0 NE NT # 2 8 
WATER 
5 0 L [JEN T 

U . P . ! K l  j 

v . P . ( P ; z )  
G F i M M A - K 1  T N  l',? 
G H M M A - K 2  I N  c'1 

L.. P H tl 
h'JG COL.IJMF\I ALPHA 
MOL FFiACT. K l  (HAKE OR T A I L S  > 
MOL FRhC.1 . K1 i FEED r 

. .. . . . . . - - - -. 

34 
i lR5 #l 

rq r 1,' [- 
i \ l \  1 

- - . ._ ._ I - 

0 
0 
0 
0 
0 
0 

1 2  
2-79 

0 
7 3  
0 
0 
0 
Q 
0 
Q 
0 
0 
0 
Q 
8 
0 

36 4 

10 
?7.7 
2 4 pi' 

6'18.4 
-4919.6 

1 9 . 0 3 e  
1 2 3 . 6  
760 

1Q,[3 ,8  
S 01. ' JE N 7 

184.5 
13.9 

2.117 
2.818 
3.247 
5.923 
@. 999 
0.886 
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ri LE. MOL.ES/YEAR 
---- 

PlOL FRACT. K2 (MAKE OR T I i i L S )  
A0.J . G A M M A - - K l  I N  K 2  
fiDJ. G A M M A - K Z  I N  K1 
MINIMUM REFLUX RATIO ( ADJlJSTEn 
ACTUAL. REFL!JX RATIO 
MINIMIJM PLATES 
ACTrJAL. P L A 1  ES 
PRESSURE fin Hg ( P E V I S E D )  
TEMPERATURE C REUISED j 
f+UERAGE MOLECULAR WEIGHT 
GriS DENSITY - l..B/CF 
CPOSS SECTIONAL AREA -- Sq FT 
COLUMN HEIGHT -- FT 
COL.UMN UIAPIETER 
1 3  !MPFY') 
Hv (HEAT VAPORIZ. - - B t u / L b  ) 
Cn (HEAT CAPPICITY - B t u / L b / F )  
HEAT LOAD .- MM Eit,u/Hr 
c n r m x m  C O O L T N G  WATER - GPM 
C A L f i N D R I A  5TEAtl  .- MPPH 15@ P S l G  ) 

34 
HE35 4 1  

MAKE 
I I I - I .- 

8.001 
1 .a00 
2 . 8 5 3  

3 . 7  
1B.9  

10 
4 5  

74 1 
1 2 3  

66.1'7 
8 "  1239 

23.8  
8 2 . 3  

5.5 
63 

215.0 
0.500 
8 .576  
636 

35 
H # S  $1 
T A I L S  
_ _  - - I - - 

1 .@e0 
2 . 1 1 7  
1 .mea, 

9 L68.42 
0.5814 

215 .B  
0 "5061 
8.576 

18.01 
COL.UMN C 0 S T  - $1.080 3085 MPC -. BARE EQUIPMENT 

- ALL CARBON STEEL $ 1 4 4 . 5  
- C . S  w / 3 8 4  S . S .  TRAYS $159.9 
- ALL 304 STAINLESS STEEL $ 2 2 9 . 9  
I- AILL 304L STAINLESS STEEL $25,'. 9 

$31@ '3 - ALL_ 316 STAINLEBS STEEL .. 
CONUENSER r?R CALANOP IA SURFACE 642 476 
C O N D .  QP C'ALAND. C O S T  - $1000 3086 MPC - BARE EQUIFMENT 

---C PIF? E 0 Ill S TEE. 1. $30.4; $ 2 5  * 3 
... 3 12) 4 STHINLESS STEEL- $ 4 2 .  I! $ 3 5 "  5 
- 3 1 6  STAIN1.ESS STEEL. $45 8 $38 .8  

.-MOiilEL '$59.6 $4'3.4 

S IJ U T 0 T f'l L 
S I)B T 0 TAL 
SUE TO TAL 

MlNIMIJM REFLtJX RATIO 
C n  SLIBTQTAI.. 81 
C q  SUBTOTAL # 2  
C n  SUBTOTAL. # 3  

Wv SUBTOTAL. 81 
H.v SUBTOTAL # Z  
Hv SUBTOTAL #3 

M'IN. PLATES( NORMAL- ) 

Cn CHECK 

Hv CHECK 

COL COST-C/5 NORMAL 
CijL , COST--S/S NORMAL. 
MIN .  REFLUX! NORMAL- ) 

C .  5 .  AREA( NORMAL f 
HEHT LOAD ( NORMAL ) 

6 5  
6 
6 

8 .7  
457 0 

11,572 58 
6 1 , 6 3 6 , 0 8 7  

0 I5QB 0. s50 
19'7 13 

4 , 9 7 6  25 
3 783,517 

215.0 290.0 
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APPENDIX G. EXTERNAL EXTRACTOR MODE 
NUMBER OF EXTRACTOR STAGES REQTJIKED 

FOR VARIOUS SOLVENTFEED RATIOS 
AND YIELD TO EXTRACT 







Solvent !  
Water 
R a t  io 

Q.53 
1 .OO 
1.5Q 
2.00 
2.50 
3.QQ 
3.5Q 
4 .DO 
4.50 
5.00 
5.50 
6.00 

1 .e5 
1 .so 
3.80 
2 . 5 0  
3.08 
3 . 5 Q  
4.88 
4.58 
5.00 
5.50 
6.QB 
6 . 5 6  

So 1 v e n t  i 
!dater 
!?a? 10 

1.40 
1 .SQ 
3.QQ 
2.58 
3.06 
3.5a 
3.88 
4.58 
5 . 0 0  
5.50 
6.013 
s " 5 8  

SENSITIVITY fiNALYSIS 
NUMBER OF STAGES 

FOR K- 2 

S o l u t e  Y i e l d  ( a s  X o f  solute in f e e d )  
70.80% 8Q.80X 90. 0@% 95.002 98.802 99.80% 99 a 983 

13 ..s ). 28 3 28 > 28 3 4 7 
2 2 3 4 5 6 9 

1 1 2 2 3 4 5 
1 1 2 2 3 3 5 
1 1 2 2 3 3 4 

2 2 3 4 
1 1 2 2 2 3 4 
1 1 1 2 2 3 4 
1 1 1 2 2 2 3 
1 1 1 2 2 2 3 
1 1 1 2 2 2 3 

2 3 4 4 6 7 
L 

1 

1 1 3 

SENSITIVITY ANALYSIS 
NIJMBER OF STAGES 

FOR K =  1 

Salute Yield (as ti of solute 
70.00% 80,683: 90 e 0(dX 95.08% 

3 4 8 14 
7 3 4 5 
3 L L 7 3 4 
1 2 3 3 

3 6 3 1 
1 2 2 3 
1 1 2 2 
1 1 2 2 
1 1 2 2 
1 1 2 2 
1 1 2 2 
1 1 2 2 

7 

SENSITIVITY ANALYSIS 
NUMBER OF STAGES 

FOR K =  0.75 

i n  f e e d )  
98.00% 
r 20 
" 8  

5 
4 
4 
3 
3 
3 
3 
3 
3 
2 

Solute Yield (as X o f  solute in f e a d )  
'70.QQ:! 8 0 .  00% 90. QQY. 95.00% 98.00% 

3 4 8 
3 4 6 
2 3 4 5 8 
7 2 3 4 6 
L 2 3 3 5 
1 2 2 3 4 
1 2 2 3 4 
1 2 2 3 3 
1 2 2 3 3 
1 1 2 2 3 
1 1 2 2 3 
1 1 2 2 3 

7 

2% 

99.00% 
> 26 

9 
6 
5 
4 
4 
4 
3 
3 
3 
3 
3 

99.00% 
P 20 
% 29 

9 z 

99.98% 
20 
15 
9 
7 
6 
6 
5 
5 
5 
4 
4 
4 

99.90% * 28 
p 20 
15 
10 
8 
7 
6 
6 
5 
5 
5 
S 

99 B '39$ 
> 20 

13 
9 
7 
6 
6 
5 
P 
5 
4 
4 
4 

99.992 
,?0 20 
20 
13 
10 
9 
8 
7 
s 
6 
6 
6 
5 



So 1 vent f 
Ust  er 
Rat 10 

2.10 
2 "50 
3.QO 
3.50 
4.00 
4.50 
5.0Q 
5-50 
6.00 
6.5Q 

7.58 
7 . ~ 0  

S o l v e n t /  
W 3  t e r  
Rat io 

4.20 
4.50 
5.013 
5.5Q 
6.09 
6 .SEI 
7.00 
7.50 
8.00 
8 , 5 0  
9.@Q 
9.50 

SENSITIVITY ANAtYSIS 
NUMBER OF STAGES 

FOR li= 0.5 

S o l u t e  Yield ( a s  5: of solute i n  feed)  
7 8 .  Q8X 88.00% 90.00% 95.00% 98.00% 

2 20 c 3 5 9 
'I 3 5 8 11 

3 4 5 8 
3 3 4 6 

3 4 5 
5 

2 
2 3 3 
2 3 3 4 
2 2 3 4 
2 2 3 4 
2 2 3 3 
i 2 3 3 
2 2 3 3 

SENSITIVITY ANALYSIS 
NUM9ER OF SThGES 

FOR K =  h3.25 

Solute Yield (as X o f  solute i n  Peed) 
70 .80% 80.00% 9@.00% 95.00% 98.08% 

'). 20 
16 

3 5 9 
3 4 ij 10 
7 3 5 7 11 
L. 3 4 6 9 
A. 3 3 4 5 7 
2 2 4 5 7 
2 3 3 4 6 
2 2 3 4 6 
L 7 ? 3 4 5 
? 2 3 4 5 
2 L 3 3 5 
1 2 3 3 4 

u. 

7 

c) 

99.00% 
). 20 

14 
9 
7 
6 
5 
5 
5 
4 
4 
4 
4 

99.00% 
? 20 
I 28 
* 14 

11 
9 
8 
7 
7 
6 
6 
5 
s 

99.90X 
,120 

> 28 
* 15 

11 
9 
8 
7 
7 
6 
6 
6 
5 

99.90% 
t 20 
9 20 
z 20 
* 18 

15 
13 
11 
10 
9 
9 
8 
8 

99 * 99% 
7 20 
720 
,7 20 
I' 20 

20 < 
17 
15 
14 
13 
12 
11 
10 

.-. -. 
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