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ABSTRACT 

Drop sizes for turbulent dispersion of aqueous solutions in organic liquids were deter- 
mined and correlated for three types of dispersion devices, (1) flow in tubes, (2) motionless 
mixer units, and (3 )  a rotating annular disperser with couette flow. Empirical correlations 
based on dimensional analyses were useful for application of these devices to gel-sphere 
processes. The results support the Kolmorogoff theory of turbulence as a dispersion 
mechanism for a range of IO4 for the rate of energy dissipation. Application of the results 
to centrifugal contactors for solvent extraction indicates average sizes of 110 to 310 pm for 
aqueous drops in a continuous phase of 30% tributyl phosphate (TBP) in a hydrocarbon 
diluen t . 
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1. INTRODUCTION 

Three different devices using controlled velocities of organic liquids were applied to 
disperse aqueous solutions as drops. One consisted of simple tubes of small diameters. A 
second contained motionless mixer units inside larger tubes. The third employed couette 
flow of the organic liquid between a cylindrical rotor and a stationary cylinder. 

These devices were applied to gel-sphere processes in which the liquid drops are con- 
verted into solid gel spheres of hydrated metal oxides. The gel-sphere products are g a d ,  
strong spheres and allow good measurement of the sphere and the drop-size distributions. 
The drop diameters must be controlled and predictable to allow preparation of product 
spheres of the desired sizes. Empirical correlations were determined for application to the 
gel-sphere processes. 

The theory of turbulent dispersion based on eddy velocities has been developed by 
Kolmorogoff’, Hinze2, and others. Davies3 reviewed this theory and the agreement of 
theory with four types of dispersion devices for energy dissipation rates of 6 to 400,000 
W/g. The gel-sphere results for drop-size distributions are for energy dissipation rates of 

to 1.5 W/g. These combined results support the theory of turbulence as the disper- 
sion mechanism over a range of lo9 for the rate of energy dissipation. 

The turbulent dispersion with couette flow is the mechanism for mixing in an 
advanced design of centrifugal contactors for solvent extraction. The theory of turbulence 
is applied to predict drop sizes and mixing power for centrifugal contactors as developed at 
Oak Ridge National Laboratory (ORNL). 

1.1 GEL-SPHERE PROCESSES AND ROLE OF DROP FORMATION 

A limited description of gel-sphere processes is given here to explain the drop forma- 
tion conditions and results. Some detailed descriptions of chemical flowsheet conditions and 
equipment and procedures have been published. Depending on the mechanism of gelation, 
the drops must be dispersed into trichloroethylene (TCE), 2-ethyl- 1 -hexan01 (2EH), sil- 
icone oil, NH3 gas or solution, or other fluids. These gel-sphere processes have been 
described by Haas et al.4>5, Haas and Clinton6, Bischoff et 

The preparation of gel-spheres by processes developed at ORNL and elsewhere is 
based on the conversion of liquid drops into solid gel spheres of hydrated metal oxides. 
Each liquid or broth* drop must contain the amount of metal needed in one product 

and Zimmer et al.*. 

*Depending on the gel-sphere process, the feed liquid may contain colloidal oxides, metal salts, organic 
polymers, metals in complexed or hydrolyzed form, or other chemicals. This feed to the gelation step may be 
termed a “broth.” 
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sphere. The diameters of the drops determine the diameters of the product spheres. The 
solidification of the drop may result from mass transfer of NH3, NH40H, FINO3, H20, or 
from chemical reactions inside the drop. Mass transfer from the drop also occurs during 
washing to remove solutes, drying to remove HZ0 and other volatile constituents, and ther- 
ma1 treatments. The product spheres are generally much smaller than the liquid drops. 
There is no significant loss of metal during these process operations, and the metal concen- 
trations in the liquid drop and the product sphere are accurately measured; therefore, the 
diameter ratio of liquid drop:product sphere is accurately known. 

The gel-sphere products are usually excellent, strong spheres and allow a convenient 
and accurate measurement of the liquid drop sizes. The complete batch of product can be 
used as a sample, or procedures that ensure representative sampling can be used. In this 
way, many of the uncertainties involved in measuring liquid-drop diameters in a second 
liquid are avoided. The possibility of coalescence or of an additional secondary dispersion 
before solidification occurs must be considered. 

Some of the results reported in this paper were obtained from many hours of opera- 
tion to prepare test batches of nuclear reactor fuels. These results demonstrated good 
reproducibility of the drop formation procedures. All the turbulent disperser results were 
for dispersion of aqueous drops into organic liquids; the gelation procedures using aqueous 
NH40H solutions were not practical for small gel spheres. 

Controlled and uniform product diameters are important to many applications of gel- 
sphere processes. Procedures that gave excellent size uniformity for drops of 500 to 5000 
pm9 were not practical for smaller drops. Simple mixing using agitators at controlled 
speeds gave control of the average diameters, but the uniformity of drop size was poor. 
The turbulence produced by an agitator is obviously both nonuniform and nonisotropic. 
The results in this paper are for three dispersers that were expected to provide a more uni- 
form turbulence than that from agitators. 

1.2 THEORY OF TURBULENT DISPERSION MECHANISM 

The dispersion of one liquid into another as a result of turbulence has been discussed 
by a large number of authors. A theory of homogeneous, isotropic turbulence was 
developed by Kolrnogoroff'. The dispersion results from the turbulent fluctuations or 
eddies and the fluctuation velocities are determined by the rate of energy dissipation. The 
pressure from the fluctuation velocities is opposed by the surface tension holding the drop 
together. The maximum drop size that is stable with respect to further dispersion is given 

by 

where the constant, C,, is dimensionless and has a value near one. The viscosity of the 
liquid drop was neglected for the theory used to derive Eq. ( l ) ,  and the viscous forces 
inside the drop can also contribute to the resistance to breakup. Davies3 proposed adding a 
viscous force term to the interfacial tension as follows: 
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Substitution of equations for P in E!q. (1) can give many of the relationships in the litera- 
ture for d,,, versus Weber number (We), Reynolds number (Re), and velocities or rprn. 
The interfacial tension would not normally appear in P, and an almost universal result is 

Davies" has given a more complete discussion of isotropic turbulence and a comparison of 
the theory of turbulent dispersion with experimental data. 

. 





2. DESCRIPTION OF THREE TURBULENT DISPERSION DEVICES 

c 

The theory of turbulent dispersion mechanism and the gel-sphere process requirements 
indicated a need for a controlled and uniform turbulence. Also the flow through the tur- 
bulent zone should be positive and the holdup time limited so that the dispersed drops can 
solidify or gel without continued exposure to the turbulence. Dispersion devices with these 
attributes should give improved uniformity of drop-size distribution as compared to previ- 
ous results with dispersion by an agitator. The dispersion by an agitator also gave some 
dumbbell or clumped spheres, which were believed to result from recycle of partly solidi- 
fied spheres through the agitator. The three dispersion devices tested in this study were 
selected from these considerations. 

Flow in an open tube provides a well-defined flow regime and is the simplest of the 
three types of dispersers studied. The tube is characterized by a single dimension, the 
diameter, D. The system Weber number and the Reynolds number are unambiguous. The 
aqueous phase to be formed into drops was introduced through capillaries at velocities that 
were usually within a factor of 4 of the organic velocity, and the diameter of this capillary 
was not a significant variable. The first tests were done with glass units (Fig. l ) ,  but later 
tests were more commonly performed with hypodermic needles brazed into stainless steel 
tubing. 

The motionless or static mixers used in these studies were 0.335- to 0.80-cm-ID tubes 
containing 21 mixing elements.* These Kenics mixers have 180"-helical elements of alter- 
nating right- and left-hand twists with each element length equal to 1.5 diam (Fig. 2). The 
elements divide the tube into two semicircular flow channels. The alternating twist ele- 
ments are joined 90" out-of-phase so that each flow from one element is split between the 
two channels of the next element. 

To make empirical correlations, these motionless mixers were characterized by the ID, 
and the average velocities were calculated using these IDS. The empirical constants should 
not be used for other static mixers with mixing elements of different proportions. The true 
velocities would be much higher than the average velocities calculated using the ID, 
because the mixing elements both reduce the cross section for flow and increase the path 
length. The hydraulic diameters of the flow channels would be smaller than the ID. The 
void volumes inside the tube were measured by water displacement and were from two- 
thirds to five-sixths of the volume calculated using the nominal ID. Calculations from the 
weights of the dry units also indicated that the mixing elements occupied one-third to one- 
sixth of the tube volume. This high-volume fraction of mixing elements agrees with the 
visual appearance of these small units and would probably not apply to larger units. 

*Kenics Corporation, North Andover, Massachusetts, Model Series 37. 
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FEED CAPILLARY 

(preferred for turbulent operation) 

Fig. 1. Schematic views of twa-fluid nozzles. 

The third dispersion device may be called a couette flow or annular disperser. A shear 
field can be generated in the annulus between two cylinders rotating at different speeds. 
The flow patterns for such a thin annulus are termed couette flow. This type of disperser 
was tested as a possible means of preparing UO3 spheres via internal gelation by using a 
motor-driven rotor mounted inside a stationary cylinder (Fig. 3). The bottom of the rotor 
was provided with an enlarged diameter to pump fluid by centrifugal action. The first test 
unit had conical surfaces for the entire rotor and stator at a 1.5" angle. Thus, the annulus 
thickness could be varied by simply moving the stator up or down with respect to the rotor. 
However, this arrangement gave an excessive pumping rate of the continuous phase as well 
as a variable shear field along the annulus. Experimental data from the conical unit were 
used to evaluate the effect of annulus thickness, but an annulus of uniform diameter (no 
taper) appeared to provide better control of drop diameter. The hydraulic diameter of the 
flow channel, D, would be twice the annulus thickness for the couette disperser. The other 
dimension, ID, was taken as the rotor diameter. In addition to the D/ID term, the rotor 
diameter is used to calculate the velocity: V = d I D )  (rpm/60). 

For all the gel-sphere tests of turbulent disperser devices, the fraction of dispersed 
phase and the size of the aqueous feed inlet did not have any significant effects on the 
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Fig. 2. Kwics static mixers for this study. 

drop diameters. The ratio of continuous- or organic-phase flow rates to the aqueous flow 
rates were usually from 40:l to 100:1, with a few tests with ratios of 25:l to 40:l. These 
high ratios were necessary to provide the water extraction capacity for external gelation or 
to provide heat capacity for internal gelation. The aqueous velocities in the feed inlets were 
commonly from 0.25 to 1 times the organic velocities for the simple tube and static mixer 
dispersers and were much lower for the aqueous feed inlet to the couette disperser. The 
observed drop sizes were always smaller (usually much smaller) than the ID of the aque- 
ous feed inlet and were therefore not determined by this diameter. 
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Fig. 3. Cooette disperser apparatus. 



3. DETERMINATION AND REPRESENTATION OF 
DROP-SIZE DISTRIBUTIONS 

Three different areas of size information and calculation are important to these gel- 
sphere results. These are the size measurements for the product spheres, the calculation of 
drop sizes from the product sizes, and the representation of size data for correlation. 

The principal size measurements for the dry product spheres were by standard test 
sieves and procedures (U.S. Sieve Series). Large batches of spheres for nuclear fuel sam- 
ples were blended and sampled by riffling procedures. As compared to materials of irregu- 
lar shape, the spheres were free-flowing and allowed good size separations. For some com- 
positions, the smallest spheres showed some tendency to be present as small clusters or to 
be weakly attached to a larger sphere. The significance of such fines on a weight basis is 
small. 

The known concentrations of metal in the liquid before gelation and in the product 
sphere allow a simple and accurate calculation of diameter ratio or shrinkage factor, SF. 

Diameter of drop - Concentration of product 
Concentration of liquid feed -I SF = 

Diameter of product 
(4) 

This equation is a simple material balance for thorium, uranium, or other metals that 
remain in the sphere without significant losses. The products were usually oxides (Tho*, 
U03, or UOZ) of high purity so that the product concentration was determined by measur- 
ing the sphere density. For a single-size fraction of U.S. Sieve Series, the spheres poured 
into a graduate slowly and tapped lightly would pack to 38% void volume, and the sphere 
density would be the (bulk density)/0.62. The Tho2 gel spheres can be sintered to the 
theoretical density (10 g/cm3) of ThOz. An example of a shrinkage calculation for dense 
Tho2 is 

Feed concentration: 2.50 M Th. 

Product concentration: (io)(iooo) = 37.88 M Th . 264 

113 

= 2.47 
37.88 - -  Diameter of drop 

Diameter of product - [ 2.50 1 SF = 

For gel-sphere products, the weight or mass average diameter and the yield within a 
range of diameters are pertinent. The exact distribution of very large or fine sizes is not 
important. A normal distribution has the obvious limitation that it may indicate negative 

9 



10 

sizes that are physically impossible. A log-normal distribution does not have this limitation 
and is mathematically convenient to use. The use of log-probability paper provides a simple 
test of the suitability of the log-normal fit and permits a simple determination of the mean 
and standard deviation. If more than 80% of the spheres give a straight line on log- 
probability payer, d and u are determined from the line, and the nonlinear ends of the plot 
are ignored. The mean of the drop sizes on a weight or mass basis is this d from the log- 
probability plot times the shrinkage factor, SF. The standard deviations, (7 = &/d,  for 
log-normal distributions are the same for the product spheres and the drops. 

Typical examples are shown of sieve analysis of product spheres for two tests each of 
the three types of dispersers (Fig. 4). The product, d and g, are determined from these 
curves. The average drop diameters are calculated using the shrinkage factor, SF, from 
Concentrations as previously described. 

Size distributions for the three types of dispersers were compared, as were some litera- 
ture size distributions using the cr’s for log-normal distributions. Nearly all of the cr’s were 
from 1.21 to 1.50, with 1.28 to 1.35 as the most typical values. While clear quantitative 
conclusions are uncertain, the following qualitative conclusions were indicated. It appears 
that the smallest cr values or best uniformity for this type of dispersion (an equilibrium 
drop-size distribution in a uniform turbulence) are u = 1.28; lower values are not reprodu- 
cible. Conditions that do not achieve an equilibrium size distribution or a uniformity of 
turbulence give larger u values. The static mixers provide the best uniformity (lowest u 
values) (Fig. 4). Equally good results can be obtained with the couette disperser, but con- 
ditions that include short exposure times (Le., high continuous-phase pumping rates) yield 
larger u values. ’The open-tube data show less uniformity of size, with u values ranging 
from 1.3 to 1.4 (Fig. 4). 
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Fig. 4. Size distributions for oxide spheres with drop formation by several dispersers. 





4. EMPIRICAL CORRELATION OF RESULTS 

Correlation of drop-formation data were needed for convenient operation of gel-sphere 
processes. The empirical correlations were based on a dimensional analyses with an 
exponential relationship. Dimensionless ratios of two densities and of a density to a density 
difference appeared in the dimensional analyses result, but these ratios either were not sig- 
nificant or the data were not able to show their effect. With these density ratios omitted, 
the following three arrangements of the results were used: 

The dimensionless numbers with the exponents a and b are, respectively, the system Weber 
numbers and the Reynolds numbers. The first arrangement, Eq. ( S ) ,  was applied to the 
simple tube and to the couette disperser. The second arrangement, Eq. (6 ) ,  was used for 
the static mixer to indicate that the correlation uses the tube ID to calculate average vel- 
ocities and as the diameters in the Weber and Reynolds numbers. The third arrangement, 
Eq. (7), indicates a logical procedure for examining the fit and determining exponents. 

The first test of the experimental data is to plot log d versus log V for data, with d 
and V as the only variables [one disperser and a single pair of fluids (Fig. 5 ) ] .  All of the 
well-defined lines were well represented by straight lines with slopes of -1.4 to -1.6. 
These included several dispersers and several fluid pairs for both the open tube and the 
couette disperser. Some small sets of open tube data showed slopes of - 1 to - 1.6, and 
some static mixer slopes were from -0.8 to -2.1. However, all of these values that were 
outside the range - 1.4 to - 1.6 were either for a narrow range of velocities or were very 
dependent on a single extreme data point. Allowing for these limitations, all the data could 
be adequately represented by slopes of 2 a f b  = - 1.5. Using this value for 2a+b, log 
dV‘.’ was plotted versus log D or log ID with other variables constant; that is, data for the 
same pair of fluids in dispersers of different diameters. For the simple tube with D as the 
only diameter variable, the slopes were 2.5 - a = 3.15 or a = -0.65. This gives b = 
-0.2. The above procedure has determined a coefficient for the Weber number, a = 
-0.65, without use of the surface tension or viscosity data. Most of the differences 
between fluids is accounted for by the effects of surface tension, but high viscosities also 
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Fig. 5. Drop diameter vs velocity for turbulent dispersion. 

have significant effects. The largest viscosity differences indicate values of c = 0.4 or 0.5 
while the smaller differences are indeterminant. The dependence of d on ID for the couette 
disperser was used to estimate the exponent, g. For the static mixer, the D/ID term was 
combined with C1 as an empirical coefficient. The density of the continuous phase appears 
in both Weber and Reynolds numbers. The effects of the discontinuous phase density in 
terns of density ratios or a density difference ratio were not detectable in our data, and 
these terms were dropped from Eqs. ( 5 )  through (7). 

The final empirical correlations are as follows: 

1. The simple tubes or turbulent two-fluid nozzles with TCE, 2EH, and isoamyl alcohol 
(iAA) gave 
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2. The static mixers with TCE and 2EH gave 

3. The couette disperser with a single-rotor diameter and four organic liquids [TCE, 
2EH, Varsol (hydrocarbon), and a silicone oil] gave 

These empirical correlations in the form of Eq. (7) were used for the preparation of 
nuclear fuel spheres. The effects on d of changes in disperser diameters, flow rates, or 
couette disperser rotational speed were easily and dependably predicted by the correlations. 

For operation with a new pair of process fluids, it was usually more convenient to 
determine the effect of the fluid properties from a brief period of test operation instead of 
waiting for laboratory measurements. The drop diameter of the test batch was measured, 
and the disperser flow rate or rpm was changed according to the empirical correlation to 
adjust the drop diameter as desired. 

Several comparisons can be made concerning the consistency of the empirical correla- 
tions. The calculated values of d are listed for comparison with the experimental values 
(Tables 1 through 5). The relationship of d proportional to T'.5 can be easily checked for 
many different sets of literature data. While correlations of d with are commonly 
suggested (based on the theory of turbulent dispersion), much of the data show better 
agreement with d proportional to Y-'.'. The data of Middleman" for benzene in water 
covers a wide range of We and is shown on Fig. 5. The data of KarabelasI2 for tubes 
shows better agreement with d proportional to For another compar- 
ison, look at the constants, C1, for the three types of dispersers. In the static mixers, the 
hydraulic diameter is perhaps 0.3 ID, and the velocity is doubled as a result of the reduced 
cross sections and the longer flow path. In the couette disperser, the true average fluid 
velocity is less than half the rotor velocity, and the D/ID term also is significant. In both 
cases, a large part of the difference in constants is accounted for. However, the static 
mixer gives smaller drops and the couette disperser gives larger drops than the tube at 
comparable We, Re, and D values. 

than with 



Organic 
and 

properties 

TC E 
p = 1.38 
y = 21 dynes/cm 

(0.021 N/m) 

2EH 
p = 0.79 
y = I O  dynes/cm 

(0.01 N/m) 

iAA 
p = 0.79 
y = 2 dynes/cm 

(0.002 N / m )  

Table 1. Simple tube or turbulent !wo-fiuid nozzle 
for internal gelation of U 0 3  

Mean drop 
Organic diameter, d (Fm) 

(pc, cP) (cm) (crn3/rnin) We Re Experimental Calculated" ( IO6 crn2/s3) (dimensionless) 
viscosity D F + G  P c2 d/dmax 

0.40 0.16 515 1916 23,600 75 91 6.32 0.770 
0.40 430 1335 19,700 100 120 3.84 0.840 
0.42 390 1099 17,000 120 136 2.95 0.907 
0.36 375 1016 19,100 100 152 2.56 0.714 
0.43 350 885 14,900 130 159 2.20 0.873 
0.40 350 885 16,000 160 163 2.16 1.069 
0.37 0.32 1210 1322 29,900 190 230 0.593 0.756 
0.40 1120 1133 25,600 200 252 0.500 0.744 
0.40 920 764 21,100 350 340 0.292 1.049 
0.48 510 235 9700 636 780 0.0603 1.01 1 
0.48 510 235 9700 636 780 0.0598 1.011 

2.2 0.16 450 1759 2140 70 67 5.84 0.776 
2.4 440 1681 1920 70 67 5.05 0.732 
2.4 430 1606 1880 70 69 4.79 0.7 17 
1.4 395 1355 2960 75 93 3.93 0.710 
1.3 350 1064 2820 90 1 I3 3.02 0.766 
2.2 340 1004 1490 1 I O  101 2.52 0.872 
2.2 330 946 1570 120 106 2.59 0.963 
2.2 3 20 889 1530 130 110 2.44 1.016 
2.4 300 782 1310 I I2 1 I9 2.35 0.863 
2.8 295 756 I100 I l l  117 2.67 0.899 
2.4 290 730 I270 128 125 2.18 0.956 
2.4 270 633 1180 120 139 1.77 0.825 
2.4 265 610 1160 145 143 1.84 1.01 1 
1.6 0.32 1320 1891 4320 110 129 1.26 0.662 
1.3 1220 1616 4920 120 155 0.962 0.646 
2.0 965 I010 2530 220 193 0.450 0.874 
1.8 705 540 2050 250 319 0.175 0.682 

0.8 0.32 660 4324 2364 100 158 0.144 0.663 

pd = 6cP  (6mPa.s).  



Table 2. Simple tube or turbulent two-fluid nozzle 
for gelation by extraction of water 

Mean drop 
Organic Organic diameter. d (#m) 

properties (pC,  cP) (cm) (cm'/min) We Re Experimental Calculated" ( IO6 cm2/s3) (dimensionless) 
and viscosity D F + G  P c2 dldfnax 

iAA 
p = 0.80 
y = 5 dynes/cm 

(0.005 N/m) 

2EH 
p = 0.80 
y = 18 dyneslcm 

(0.018 N/m) 

2.5 
2.0 
2.8 
2.3 
2.2 
2.3 
2.7 
2.7 
2.7 
2.7 
3. I 
3.1 
2.9 
3.0 
2.5 
2.9 
2.9 

5.1 
5.7 
5.0 
3.5 
4.8 

0.15 
0.195 
0.20 

0.265 

0.280 
0.380 

0.40 
0.49 
0.50 

0. I95 

0.200 

530 5600 2400 
870 7350 3790 
440 1740 1335 
415 1550 1530 
395 1410 1525 
220 436 812 
655 1660 1555 
560 I210 1330 
545 1150 1295 
510 854 1145 

1065 1490 1535 
965 1220 1390 
7 50 738 1155 
720 681 1070 
890 892 1510 

1300 1035 1555 
I300 974 1525 

625 1050 1067 
525 744 802 
335 303 584 
380 361 922 
250 156 442 

25 
20 
95 
75 
80 

I70 
I27 
I45 
145 
180 
140 
175 
265 
280 
175 
175 
I90 

165 
185 
230 
300 
3 00 

il 
24 
66 
77 
84 

199 
90 

I I3 
I18 
I55 
I29 
150 
223 
235 
21 2 
218 
232 

I loa  
138" 
179 
282b 
303 

15.00 
12.01 

1.517 
1.107 
0.372 
0.316 
0.603 
0.437 
0.420 
0.263 
0.208 
0.173 
0.0967 
0.0934 
00871 
0.0639 
0.0559 

6.54 
5.16 
1.84 
1.43 
0.852 

0.618 
0.452 
0.939 
0.653 
0.662 
0 896 
0.868 
0.871 
0.858 
0.882 
0.625 
0 726 
0.87 1 
0.907 
0.551 
0.487 
0.501 
1.356 
1.383 
1.138 
1.344 
1091 

f id  = 4 CP (4 m P a . s )  ( Thoz  so l )  . 

bUOz sol, estimated pd = 10 cP ( I O  rnPa.s) 



Table 3. Static (Keoics) mixers for iiternal 
gelntioo of U 0 3  

Mean drop 
Organic diameter, d (pm) 

and ID F+G P c2 ~Idrnax 
properties (cm) (cm'lmin) We" Re" Experimental Calculatedb ( IO6 cm2/s3) (dimensionless) 

2EH 0.335' 500 236 1043 40 45 4.44 1 0.401 
p = 0.79 340 109 709 112 81 2.027 0.820 
y = 10 dynes/cm 300 85 626 110 98 1.578 0.745 

p c  = 2 CP ( 2  mPa.s) 290 80 605 128 103 1.48 1 0.827 
270 69 563 120 I14 1.285 0.732 
240 54.5 501 155 136 1.014 0.860 

0.493' 345 35.3 489 250 267 0.203 0.729 
345 35.3 489 29 1 267 0.203 0.849 
345 35.3 489 280 267 0.203 0.816 
130 5.0 184 500 1 1 5 9  0.029 0.670 

TCE 0.493' 310 55.4 4090 296 30 1 0.0269 0.569 
p = 1.38 310 55.4 4090 280 30 1 0.0296 0.538 
y = 9 dynes/cmc 275 43.6 3630 310 361 0.0193 0.521 
pc  = 0.45 CP (0.45 mPa.s) 0.794' 986 134 8090 250 238 0.0262 0.475 

787 85.4 6450 290 334 0.0141 0.430 
767 81.1 6290 300 347 0.0132 0.433 
747 77.0 6130 300 36 1 0.0122 0.419 
717 70.9 5880 309 384 0.0109 0.413 
717 81.1 5880 305 384 0.0109 0.408 
552 42.0 4530 600 569 0.0053 0.602 
507 35.5 4160 640 646 0.0042 0.584 
507 35.5 4160 610 646 0.0042 0.557 
507 35.5 4160 620 646 0.0042 0.566 

(0.010 N / m )  300 85 626 112 98 1.578 0.759 

"We and Re values are calculated using an ID instead of a hydraulic diameter. 

p d = 6 c P ( 6 m f ' ~ . 3 )  . 
'Kenics Corporation, North Andover, Mass., model numbers 37-03-062 for 0.335 cm ID, 37-04-065 for 0.493 cm ID, and 37-06-109 for 

dThe turbulent shear correlarion is probably not valid because of the low flow rate and low Reynolds number. 
'Low interfacial tension after long-term recycle of TCE and an accumulation of organic solutes. 

0.794 cm ID; 21 elements in each unit. 



19 

Table 4. Couette or annular diswrser for internal gelation of UO, 
.... 

Organic liquid 
and 

properties 
.... 

TC E 
p = 1.38 
y = 21 dynes/cm 

(0.021 N/m)  
p, = 0.45 cP 

(0.45 mPa.s)  

2EH 
p = 0.79 
y = I O  dynes/cm 

(0.01 N / m )  

(2.8 mPa.s)  
p,, -E 2.8 CP 

Varsol 
p = 0.70 
y = 34 dynes/crn 

(0.032 N / m )  
p = 1.3 CP 

(1.3 mPa.s)  

Silicone oil 
p = 0.92 
y = 32 dynes/cm 

(0.032 N / m )  

(50 mPa.s) 
p” = so CP 

TCE 
po = 1.38 
y = 9 dynes/cmc 

(0.009 N / m )  
po = 0.45 cP 

(0.45 mPa.s) 

D, or I / 2  
annulus 

thickness 
(cm) 

0.316 

0.504 

0.316 

0.504 

0.316 

0.504 

0.316 

0.514 

0.316 

Rotor 
( v m )  

I350 
I800 
2400 
2400 
3200 
2400 
3 200 

1200 
I800 
2400 
I200 

1800 
2460 
3160 
2400 

I200 
I800 
1800 
2400 
1200 
I200 
1 800 

2400 
2400 
2800 

Mean drop 
diameter, d (p) 

P CZ d/dmm ___ - 

We Re” Experimental Calculatedb ( IO6 an2/$) (dimensionless) 

I062 
I888 
3360 
3360 
5790 
5350 
9520 

I010 
2270 
4040 
1610 

629 
I I70 
I940 
1782 

367 
826 
826 

1470 
586 
586 

1320 

7830 
7830 

10.700 

11,000 
14,600 
19,500 
19,500 
26,000 
31,100 
4 1,400 

900 
I340 
I790 
1430 

2570 
3510 
4 S N  
5460 

58 
88 
88 

1 I 7  
93 
66‘ 

156* 

19,500 
19,500 
22.700 

822 
594 
429 
429 
218 
448 
302 

45 I 
214 
107 
670 

828 
174 
333 
783 

408 
299 
347 
190 
500 
409 
323 

290 
280 
230 

913 
593 
385 

250 
522 
339 

624 
340 
2 20 
845 

385 

1010 
632 
434 
889 

492 
268 
268 
174 
667 
603‘ 
374d 

222 
222 
176 

__ ___ __ __ .... ___ ____ 
“Re number based on average liquid velocity == 0.5 X rotor velocity. 

p d = 6 c P ( h m P a . s )  , 
Rotor diameter, ID = 3.2 c m  . 

‘Lower silicone oil temperature; thus p = 70 cP. 
’Higher silicone oil temperature; thus p -= 45 cP. 
‘Low interfacial tension after long-term recycle of TCE and an accumulation of organic solutes 

0 036 
0 079 
0.172 
0 172 
0 383 
0 097 
0 213 

0 057 
0 130 
0 229 
0 0226 

0 109 
0 276 
0 574 
0 150 

0 886 
1983 
I983 
3 520 
0 346 
0 484 
0 702 

0 172 
0 172 
0 265 

1.066 
1 .OS5 
1.040 
1.040 
0.835 
0.926 
0.798 

0.785 
0.518 
0.325 
0.806 

0.865 
1.172 
0.676 
0.929 

1.160 
1.174 
1.362 
0.938 
0.977 
0.914 
0.837 

1.170 
0. I29 
1.102 



Table 5. Csuette or annular disperser (tapered annulus) 
for internal gelation sf UOj 

D, or 1/2 Mean drop 
Organic liquid ann u 1 us diameter, d (g) 

and thickness Rotor P c2 d/dmax 
properties (cm) (rprn) We Re‘ Experimental Calculatedb ( lo6 cm2/s3) (dimensionless) 

TCE 0.3 16 
p = 1.38 
y = 21 dynes/cm 

(0.021 N/s) 

(0.45 mPa-s) 
.u, = 0.45 CP 

0.476 

0.676 

1800 
2400 
2400 
3000 
3200 
3750 

1800 
2400 
3180 
3180 

1800 
2400 
2400 
3180 

1340 
2390 
2390 
3730 
4350 
5840 

2025 
3 600 
6320 
6320 

2880 
5110 
5110 
8977 

12,300 
16,400 
16,400 
20,500 
2 1,900 
25,700 

18,600 
24,800 
32,800 
32,800 

26,400 
35,200 
35,200 
46,600 

940 
640 
628 
397 
355 
24 1 

1331 
90 1 
409 
392 

1455 
992 

1104 
528 

833 
54 1 
54 I 
387 
35 1 
277 

1087 
706 
463 
463 

1366 
886 
886 
582 

0.05 1 
0.108 
0.108 
0.202 
0.241 
0.371 

0.0235 
0.052 
0.110 
0.110 

0.01 17 
0.026 
0.026 
0.056 

1.401 
1.289 
1.264 
1.027 
0.985 
0.795 

1.456 
1.354 
0.830 
0.830 

I .204 
1.130 
1.258 
0.817 

N 
0 

“Based on average liquid velocity of 0.5 X rotor velocity. 

pd = 6 CP (6 n2Pa.s) , 
Rotor diameter, ID = 2.7 crn (estimated effective) . 



5. CORRELATION OF RESULTS BY TURBULENT DISPERSION THEORY 

The basic theory of turbulent dispersion indicates that the drop sizes should follow the 
relationship, as previously presented in Eq. (l), 

The gel-sphere results for turbulent dispersion were primarily concerned with control of the 
average diameter, d, by control of the flow rate or the couette disperser rpm. A typical set 
of experimental data is the dimensions of the disperser, the flow rate or the couette 
disperser rpm, the average diameter of the product, the shrinkage factor, SF, for drop and 
product diameter, and periodic measurements of fluid properties for samples of the process 
fluids. With some reasonable calculations, the gel-sphere results can be shown to agree 
with turbulent dispersion theory. 

The discussions of and selection of values of d,, from size distribution measurements 
are somewhat ambiguous and uncertain. Many authors suggest use of d95 as d,, while 
others attempt to identify the largest drop of a sample. The gel-sphere data will first be 
examined by rearranging Eq. ( 1 ) as follows: 

The measured size distribution of gel-sphere products from turbulent dispersion showed 

d 
__ of 0.52 to 0.67 , 
d95 

d 
__ of 0.43 to 0.60 . 
d98 

Therefore dmax/d = 1.8 is used to allow comparisons of the gel-sphere data with theory. 
The concentrations and densities of the aqueous feeds were determined for every test, 

as these values were necessary to calculate shrinkage ratios. The densities and viscosities of 
the organic liquids were handbook values with corrections for the measured temperatures. 
The interfacial tensions and the viscosities of the aqueous feeds were measured periodically 
on samples taken from the process but were not measured for every gel-sphere test. These 
measured interfacial tensions were static or equilibrium values for the process fluids. For 
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the internal type of gelation, the interfacial tensions were measured separately for the 
organic samples versus the two stable aqueous solutions, as the mixed solutions thicken too 
rapidly at room temperature for convenient measurement, The two stable solutions gave 
approximately the same values of interfacial tensions. 

Even though the interfacial tensions were measured for samples of the process fluids, 
the results have the following serious uncertainties: 

1. The process organics all contained a sorbitan mono-oleate surfactant (usually 0.1 to 1 
vol % for drop formation by turbulent mechanisms). The new surface formed during 
turbulent dispersion requires a finite time to approach the equilibrium surface tensions 
measured in the laboratory. 

2. For the gelation-by-water extraction, the water concentrations near the interface 
would be different for the lab measurements and the turbulent dispersion. 

3, FOP the internal type of gelation, the laboratory measurements are for two separate 
concentrated solutions at temperature equilibrium while the turbulent dispersion dur- 
ing process operation involves the mixed aqueous solution starting at 0°C and the 
organic liquid at 60 to 90°C. 

Because of these uncertainties, the exponents for Weber and Reynolds numbers in the 
empirical correlations were evaluated for sets of data with the disperser dimensions and the 
flow rates as variables and the fluid properties constant. The fluid properties were then 
used to evaluate the remaining constants in the empirical correlations. The results indicate 
that any bias in the measurement of interfacial tensions is uniform or consistent, as the 
empirical constants did not differ significantly for the different organic liquids. 

All power inputs were calculated from the disperser dimensions and flow rates or rpm. 
The basic form of equation for calculating frictional pressure drops by using a Fanning 
friction factorI3 is 

f = 16/Re for ReX2000, 

f = 0.08/Re0.25 for Re24000, 

f = 0.10 for Re 2000 to 4008. 

Multiplication by the velocity gives a power per unit mass as follows: 

Substitution off = 16/Re for laminar flow conditions gives: 
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Substitution off = 0.08/Re0.25 for turbulent flow conditions gives 

For the couette disperser, the basic definition of viscosity gives the following expressions 
for laminar flow (annulus thickness = 0 / 2 ) :  

2pVA 
D 

Force = - . 

Note that the fluid velocity will only average half of the rotor velocity so that 

For laminar flow withf = 16/Re and by comparison of Eq. (17) with Eq. (13) and (14), 

For turbulent flow, usef = O.OS/RC~.~~ to give 

p0.25v2.75 

0*01189 p0.25~1.25 ’ 

The manufacturer’s literature for the Kenic static mixers gives pressure-drop equations as 

Pressure drop (psi) = [flow rate (gpm)] X [ viscosity(cps)] X [A’] . (21) 

The values of A’ are 2.1, 0.55, and 0.13 for the three static mixers used in this study. This 
equation has the form of a laminar flow equation. By setting Eq. (21) equal to the laminar 
flow equation for pressure drop, values of D can be calculated and are 0.62 ID to 0.64 ID. 
Use of the experimentally measured void volumes and some assumptions for velocities and 
hydraulic diameters also indicates that D ==0.6 ID. Therefore, 0.62 ID was used as the 
value of D to calculate values of P for the Kenic mixers. 

The values of energy dissipation per unit mass of liquid were calculated using these 
equations and assumptions (Tables 1 through 5). Values of C2(d/dm,) from Eq. (11) are 
also in these tables. The average of 48 values of C2(d/dma,) with Re >2000 for Tables 1 
through 4 is 0.769. For did,,, = 1.8, this gives an average value of 1.38 for C2. During 
turbulent dispersion with formation of new interfacial area, the true values of the interfa- 
cial tensions are probably higher than the measured equilibrium values used for calcula- 
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tions. Use of higher values of y in Eq, ( 1  1) would give smaller values of C,. The max- 
imum reasonable values of y would be those for pure liquids, and the high sorbitan mono- 
oleate concentrations in the organic liquid probably result in a rapid approach to equili- 
brium interfacial tensions. The values of C2 for Re <2000 average only 13% higher than 
the values for Re >2000. 

The agreement of the gel-spherc data with turbulent dispersion theory is shown by 
plotting P versus 1.8 d ( ~ / p ) - ' . ~  (Fig. 6). For the couette disperser and the static mixer, 
only the data for We >2000 are shown. For the tube disperser, data for Re for 1100 to 
2000 are shown with a separate symbol for comparison. Figure 6 also shows the values 
found by Davies3 for four emulsifying machines. A line is s h o ~ n  for Eq. (1) with C2 = 

1.2. This figure shows that Eq. (1) with a constant in agreement with theory can be 
applied for a wide { lo9) range of energy dissipation rates, P for Re >2000. For Re <1000, 
the drop sizes were larger but were within a factor of 2 of the values predicted by Eq. (1). 
As mentioned previously, if the true interfacial tensions were between those from equili- 
brium measurements and those for pure liquids, the values of C, would be smaller and 
closer to the theoretical value for turbulent dispersion. Using C2 = 1.2 and d,,, = 1.8, 
the gel-sphere results can be represented by 

Since Eqs. (15) and (20) give P proportional to V2.75, then d,,, from Eq. (1)  should be 
proportional to Y - " l o .  But the data and literature data for single dispersers and fluid 
pairs show d proportional to Some (but not all) of the dependencies on IVl',' are 
explained by the indeterminate friction factors in the transition region for Re <4000. 



1013 
8 

4 

2 

101; 

4 

2 

10‘; 

; 101; 

5 . 1  L 

10; 

4 

2 
OI 

R 2 
... 

d 
2 4  
0 
c 2  
2 
i7j 108 

8 i? 
> 4  

w 2  

8 10; 
5 
w 
k - 4  U a 

2 

10; 

4 

L 

105 
E 

4 

2 

8 

4 

104 

~ ._.___ T.T ......-...... rT ....... I ....... ...................... 
DISPERSER 

TYPE 

0 KENICS MIXER RE > 2000 

0 TUBE 

RE 1100 to 2000 

I D COUETTE 

TUBE 

0 DATA FROM DAVIES (1985) 

06 

= 1.21 Ij P O 4  

10 5 10 2 10 1 

Fig. 6. Experimental data for turbulent dispersion. 





6. COMPARISONS OF CORRELATIONS WITH LITERATURE DATA 

Some of the turbulent dispersion data in the literature is of interest for examining the 
effects of individual variables. Such selected comparisons are discussed here. The data of 
KarabelasI2 is for dispersion of water into two hydrocarbons with viscosities that differed 
by a factor of 10. The empirical form of correlation using ( ~ d / p , ) O . ~  accounts very well for 
the viscosity effect (Table 6). But the empirical constant is 50 as compared to the gel- 
sphere constant of 15 for tubes of much smaller diameter. The plot of 1.8 d ( ~ / p ) - ' . ~  

versus calculated values of P shows only a fair agreement with Eq. (1) for kerosene as the 
continuous phase, but the agreement is distinctly poorer for the viscous transformer oil as 
the continuous phase (Fig. 7). The viscous force term suggested by Davies3 (Eq. 2) is for 
the discontinuous phase and does not account for the viscosity effect. 

The data of Middleman" describe Kenics mixers using water as the continuous phase. 
The data for dispersion of benzene are for a wide range of Weber numbers. The average 
drop diameter versus We'-' has a slope of -1.5 for most of this range (Fig. 5 ) ,  and this 
agrees with the d versus velocity or speed dependence for the gel-sphere data. Middleman 
gives a friction factor of 100 times the factor for a tube. For a void volume of two-thirds 
of the open tube volume (this may be low for the larger Kenics mixers), the values of P 
would be 150 times those from Eq. (13). These values of P give an excellent agreement 
with the theoretical correlation for tnrbulent dispersion (Fig. 7). However, the values of P 
are higher than would be expected from scale-up of the pressure drop equations for the 
smaller Kenics mixers. 
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Table 6. Simple tube dispersion data of Karabeias (1978) 

Organic 
and 

properties 

Mean drop 
diameter, d (pm) 

(cm/s> We Re Experimental Calculated" ( 1 O6 cm2/s3) dimensionless 
Velocity, V P c2 d/dmax 

Kerosene 
p = 0.7 
y = 33 dynes/cm (0.033 N/m)  
p c  = 1.4 CP (1.4 mPa.s) 

Transformer oil 
p = 0.70 
y = 35 dyneslcrn (0.035 N/m) 
pC = 14 cP (14 rnPa.s) 

298 
257 
222 
184 
152 
152 
11s 

300 
260 
224 
208 
186 
152 
119 

9490 
706 1 
5270 
3620 
2470 
2470 
1490 

9070 
6810 
5060 
4360 
3490 
2330 
1430 

75,100 
64,800 
55,900 
46,400 
38,300 
38,300 
29,700 

7560 
6550 
5640 
5240 
4690 
3830 
3000 

416 
479 
828 

1108 
2133 
1743 
1960 

345 
397 
520 
426 
710 
916 
804 

563 
702 
875 

1159 
1544 
1544 
2258 

290 
359 
449 
502 
594 
804 

1161 

0.05 10 
0.0338 
0.0226 
0.01 34 
0.0079 
0.0079 
0.0040 

0.0920 
0.06 14 
0.04 10 
0.0336 
0.0245 
0.01 37 
0.0070 

0.314 
0.308 
0.453 
0.492 
0.769 
0.628 
0.536 

0.319 
0.312 
0.348 
0.269 
0.387 
0.395 
0.266 
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7. APPLICATION TO ANNULAR MIXING FOR CENTRIFUGAL CONTACTORS 

An advanced design of centrifugal contactors has been proposed and developed for sol- 
vent extraction for reprocessing of nuclear fuels. The dispersion and coalescence for tur- 
bulent couette flow in these contactors has been studied by L e ~ n a r d ' ~ .  A spinning rotor 
provides dispersion and mixing by turbulent couette flow in an annulus between the rotor 
and a stationary housing and provides a centrifugal separation of the two phases within the 
rotor. The rotor and the housing are designed to act as a pump for liquid transfer. The 
rotor dimensions and speed are selected to meet the separation requirements for the solvent 
extraction process. The housing configuration is partly determined by the requirements for 
pumping, and the design variables applicable to meeting the mixing requirements are lim- 
ited. Fortunately, the annular mixing gives good dispersion and good mixing, and high 
stage efficiencies are usually achieved without difficulty. As a result, the dispersion in 
these annular mixers has received little study. The annular mixing for these centrifugal 
contactors is very similar to the annular or couette dispersion for the gel-sphere processes. 
Therefore, the same turbulent dispersion theory and calculations should apply to both. 

A calculation of Reynolds numbers using Eq. (18) for the annulus will indicate 
whether turbulent dispersion will occur. The hydraulic diameter for a thin annulus is twice 
the annulus thickness. The density and viscosity for organic continuous operation in a 
nuclear fuel reprocessing plant might be 0.8 g/cm3 or higher (30% TBP in a hydrocarbon 
diluent) and 1.5 centipoise. The average liquid velocity will be one-half of the rotor speed 
as the liquid is bounded by the rotor on one side of the annulus and a stationary housing 
on the other side. The typical design and operating values for a large and a small centrifu- 
gal contactor give the following: 

25-cm contactor, 1200 rpm, D = 2(2.35) = 4.70 cm; 

5.5-cm contactor, 4000 rpm, D = 2(0.64) = 1.28; 

It appears that turbulent dispersion will take place for all likely operating conditions. 
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The rates of energy dissipation in the annular mixing zone can be calculated using Eq. 
(20) for turbulent flow and f = 0.08/Re0.25; 

0.01 189po.25V2.75 
P =  (I) )1.25p0.25 

Calculations for the 25-cm centrifugal contactor include 

ilrD rpm T>( 26.5)( 1200) 
= 1665 cm/s , y = ( 

60 60 

Calculations for the 5.5-cm centrifugal contactor include 

= 1152 cm/s , TI) rpm - ( T)( 5 . 5 ) (  4000) v=.- 
60 60 

The lowest operating speeds will be about half of these values to give about one-seventh of 
the above values of P.  Using Eq. (22) and values of p = 0.8 g/cm3 and y = 8 dyn/cm, 
the calculated average drop diameters are 

For the largest P of 0.85 X lo6 cm2/s3, 

d = 0.0113 cm or 113 pm. 

For the smallest P of 0.066 X lo6 cm2/s3, 

d = 0.031 cm or 310 prn . 

For a log-normal distribution with a typical y for the couette disperser, about 1 wt % of 
the drops would be smaller than 0.4 d. 

The procedure used to calculate the energy dissipation for couette dispersion will give 
the mixing power for annular mixing. The weight of liquid in an annular mixing zone is ilr 
( I ) / 2 ) ,  ( H )  (ID)p, where H is the height of the zone. The total mixing power, TMP, is P 
times this amount or 

TMP = 0.5 rDH(1D)pP = (7r /2)  ( D )  (H)(ID)p fV3/8D. 
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For the 25-cm contactor, 

TMP = 71.9 ~ O ~ H  g.cm2/s 

For H = 10, TMP = 71.9 W. 
For the 5.5-cm contactor and H = 3 at 4OOO rpm, 

TMP = 2.3 W. 
The total power required for a centrifugal contactor will also include the pumping power, 
the energy loss below the rotor, and the power required to accelerate liquids in the rotor. 





8. RESULTS AND CONCLUSIONS 

Drop sizes for turbulent dispersion of aqueous solutions in organic liquids were deter- 
mined for three types of dispersion devices, which were selected to give nearly homogene- 
ous and isotropic turbulence. The gel-sphere processes as used for preparation of nuclear 
fuels provided a convenient and reproducible measurement of the size distribution of pro- 
duct spheres and of the aqueous solution drops in the organic liquids. Uncertainties in the 
appropriate values of the interfacial tensions for gel-sphere process conditions are a major 
problem for correlation of results. 

Empirical correlations of average drop diameters were determined using the results of 
a dimensional analyses and assuming an exponential form. The exponents for Weber and 
Reynolds numbers in the empirical correlations were evaluated without the use of interfa- 
cial tension values. Laboratory equilibrium values for interfacial tensions were measured 
using samples of process fluids, and these values were used to determine the remaining 
empirical constants. These empirical correlations are convenient for selection of gel-sphere 
preparation conditions but should not be extrapolated. 

A theory of turbulent dispersion involving eddy velocities and the rate of energy dissi- 
pation provides a theoretical correlation for maximum drop diameters. The theory of 
homogeneous, isotropic turbulence was originated by Kolmogoroff' . Davies3 compares this 
theory with four types of dispersion devices with high rates of energy dissipation. The gel- 
sphere data were compared in the same way using calculated values of the rate of energy 
dissipation, P, and using d,,, = 1.8 d, where d is the weight average diameter, and d,,, is 
the maximum diameter of the turbulent dispersion theory. The gel-sphere results show 
good agreement with Eq. (22). 

where y is the interfacial tension measured for process samples and p is the continuous 
phase density. The range of values for P was lo3 to lo7 cm2/s3 or lo-' to lo3 W/kg. 
Using d,,, = 1.8 d, the values of Davies3 and the gel-sphere results together show agree- 
ment with the turbulent dispersion theory for P of lo3 to 4 X 10l2 cm2/s3. The relation- 
ship is 

d,,, = 1.2 - P-0.4 . I ;r 
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Application of the turbulent dispersion results to annular mixing for centrifugal con- 
tactors as used €or reprocessing of nuclear fuels indicates aqueous drop sizes of 110 to 310 
pm. The distribution of drop sizes and the mixing power calculations also have applications 
for centrifugal contactor operation. 
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NOMENCLATURE 

L 

P 

AP 

Q 
r Pm 

Re 

SF 

V 

Y 

We 

Y 

Area of couette flow 

Constant in pressure drop correlation for Kenics mixers 

Exponents for a dimensional analysis correlation 

Dimensionless constants in correlations of drop diameters 

Average drop diameter on a volume (or weight) basis 

Drop diameter with 84 or 95 vol % (or wt %) of the total smaller than dgq 

or d9s 

Maximum stable drop diameter 

Hydraulic diameter of dispersion device 

Total flow rate of the two phases 

Fanning friction factor as in Perry13 

Gravitational constant 

Other diameter dimension (i.e., inside diameter for static mixer and rotor 
diameter for couette disperser) 

Length of flow channel 

Rate of energy dissipation per unit mass of liquid 

Pressure drop due to friction 

Volumetric rate of flow 

Revolutions per minute for couette disperser rotor 

Reynolds number = D V p / p  (or DVp/2p  for couette disperser) 

Shrinkage factor or ratio of drop diameter to gel-sphere product diameter 

Average velocity 

Turbulent (eddy) velocity 

Weber number = D V 2 p / y  

Interfacial tension 
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Fluid density of continuous phase 

Fluid density difference 

Standard deviation for drop size distribution (log-normal basis) 

Fluid viscosity of continuous phase 

Fluid viscosity of dispersed phase 
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